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METHOD FOR PRODUCING BIO-FUEL
THAT INTEGRATES HEAT FROM
CARBON-CARBON BOND-FORMING
REACTIONS TO DRIVE BIOMASS
GASIFICATION REACTIONS

CROSS-REFERENCE TO RELATED
APPLICATIONS

Priority is hereby claimed to provisional application Ser.
No. 60/785,471, filed Mar. 24, 2006, which is incorporated
herein.

FEDERAL FUNDING STATEMENT

This invention was made with United States government
support awarded by the following agencies: DOE DE-FG02-
84ER13183. The U.S. has certain rights in this invention.

BACKGROUND

In the present era of diminishing petroleum reserves and
political instability in petroleum-rich countries, industrial
society must develop ways to utilize the world’s abundant and
renewable biomass resources to provide new sources of
energy and chemical intermediates (1). For example, the
transportation sector requires fuels that can be efficiently
converted to energy and that possess high energy densities.
The chemical industry requires functional molecules such as
olefins (e.g., ethylene, propylene) and aldehydes (e.g., form-
aldehyde) that can be used to make polymeric materials. A
feature that makes biomass-derived carbohydrates a particu-
larly promising class of compounds to supplement (or in
some cases replace) petroleum in the aforementioned areas is
that the stoichiometric building block in these compounds has
an atomic composition of H:C:O equal to 2:1:1. Thus, carbo-
hydrates are ideal candidates to be converted to H,/CO gas
mixtures. These types of gases are commonly called “synthe-
sis gas,” or simply “syngas.” Synthesis gas can be converted
by Fischer-Tropsch synthesis over Fe-and Co-based catalysts
(2) to yield long-chain linear alkanes for use as diesel fuel.
Synthesis gas can also be converted over Cu-based catalysts
(3) to yield methanol for use as a feed to produce olefins,
formaldehyde, and gasoline.

While producing synthesis gas from biomass has been
recognized for years as a promising platform from which a
variety of valuable products can be made, conventional routes
to produce synthesis gas from biomass are not terribly effi-
cient because of the high temperatures required. For example,
direct catalytic gasification of biomass requires a temperature
of 800 K and higher (4). Two-stage gasification of biomass
likewise requires high temperatures: a fast pyrolysis of bio-
mass (at about 773 K), followed by a steam reforming of the
resulting bio-oil (at about 1000 K) (5, 6). Moreover, gasifi-
cation of biomass typically leads to a complex set of byprod-
ucts, including tar (volatile organics), char (solid carbon-
aceous materials), and light hydrocarbons, as well as NO_ and
SO, compounds produced during high temperature combus-
tion processes (1, 4-6).

A relatively recent, and rapidly growing, use of biomass is
in the production of bio-diesel fuel via the trans-esterification
of vegetable oils and animal fats (1, 7, 8). The trans-esterifi-
cation reaction yields a low-value waste stream of glycerol
that often contains glycerol-in-water concentrations from 50
to 80% (8). The resulting glut has caused the U.S. price of
glycerol to tumble from roughly $2,100 per metric ton in
1995, to less than $1,000 per metric ton in 2003 (for USP-
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grade 97% glycerol, prices supplied by Procter & Gamble).
The current (2006) production of bio-diesel in the U.S. and
Europe is 1x10® and 2x10° liters per year, respectively. Dueto
tax credits and other economic incentives provided by several
national governments, these quantities are expected to double
in the very near future (8, 9). Regarding bio-diesel fuel tax
credits in the U.S. see IRS Publication No. 378, and sections
6426(c), 6427(e), and 40A of the Internal Revenue Code.

Glycerol can also be produced by fermenting sugars such
as glucose (10). Unlike fermenting glucose to yield ethanol,
which produces ethanol at concentrations of only about 5 wt
% in water, fermenting glucose to yield glycerol can produce
glycerol at concentrations near 25 wt % (10). This higher
concentration of glycerol compared to ethanol decreases the
energy costs required to remove water from the oxygenated
hydrocarbon fuel. Indeed, one of the most energy-intensive
steps involved in the production of fuel-grade ethanol from
glucose is the distillation step (11, 12). Another route for
production of glycerol from glucose and other sugars is
through hydrogenation of glucose to sorbitol (13, 14), fol-
lowed by hydrogenolysis of sorbitol to polyols having lower
molecular weights (15, 16).

Inprevious work co-authored by some of the present inven-
tors (17-19), it was shown that solutions of polyols in water
(e.g., ethylene glycol, glycerol, sorbitol) could be converted
by aqueous-phase reforming to H,/CO, gas mixtures contain-
ing low levels of CO (e.g., 500 ppm) over supported Pt cata-
lysts at temperatures near 500 K. This aqueous-phase reform-
ing process gives rise to low CO:CO, ratios in the effluent gas
stream because the water-gas shift (WGS) reaction is highly
favored at the high partial pressures of water generated under
these reaction conditions (e.g., 25 bar). Thus, aqueous-phase
reforming reaction conditions are not favorable for producing
synthesis gas, where high CO:CO, ratios are required. Other
researchers have studied the vapor-phase reforming of glyc-
erol. Czernik et al. (20) reported high selectivity for produc-
ing H, by steam reforming of glycerol at high temperatures
(1023 K) over a commercial Ni-based naphtha reforming
catalyst. Suzuki et al. (21) also observed high selectivity for
production of H, by steam reforming of glycerol at high
temperatures (873 K) over a 3% Ru/Y,O; catalyst, but they
employed a high space velocity of sweep gas in the experi-
ments. Therefore, a better catalytic system for vapor phase
conversion of glycerol at low temperatures remains to be
developed.

The Fischer-Tropsch (F-T) synthesis for producing syn-
thetic hydrocarbons from synthesis gas is well known. It was
first implemented on a large scale by the Germans during
World War II to make liquid fuels from coal. The general F-T
reaction is as follows:

CO+2H,——(CH,)—+H,0 H=167 kI/mole (1
where —(CH, )— represents the basic building block of the
hydrocarbon products. The FT synthesis is highly exother-
mic, which leads to heat transfer being a significant factor in
the design of an F-T reactor.

A good deal of research has been done on maximizing the
synthetic possibilities of the F-T reaction. See, for example,
U.S. Pat. No. 6,696,501, which describes a method for con-
verting natural gas or other fossil fuels into higher hydrocar-
bons. Here, the method uses a combination of steam reform-
ing of fossils fuels to yield synthesis gas, followed by a F-T
synthesis and a second steam reforming of the tail gas. The
reformed tail gas is then fed back into the F-T reactor.

See also U.S. Pat. No. 6,976,362, which describes a
method of integrating synthesis gas generation, an F-T reac-
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tion, and a water-gas shift reaction, to yield CO,, aliphatic
hydrocarbons, and hydrogen, and then burning the hydrogen
in a gas combustor turbine to generate electricity.

As briefly noted above, an important parameter for deter-
mining the theoretical maximum yield of synthetic hydrocar-
bons in a F-T reaction is the stoichiometric number SN,
defined as:

SN=(H,—CO0,)/(CO+CO) 2
Theoretically, the yield of synthetic hydrocarbons is at its
highest when SN=2.0 and CO does not react further to form
CO, via the water gas shift reaction. In this case, the H,/CO
ratio will be equal to SN, i.e. 2.0, which theoretically gives the
highest yield of synthetic hydrocarbons.

Biomass is comprised primarily of carbohydrates (e.g.,
starch and cellulose). One method to convert these com-
pounds to liquid fuels is by fermentation to produce liquid
alcohols, such as ethanol and butanol. The technology to
convert grain-derived starches to ethanol via hydrolysis, fer-
mentation, and distillation is well established, and advances
are being made in the cost-effective conversion of lignocel-
Iulosics to ethanol (e.g., through the development of new
enzymes for cellulose hydrolysis). The advantages of ethanol
as a transportation fuel are that it is a liquid and it has a high
octane number (a research octane number of 130). However,
ethanol has several notable inherent disadvantages as a fuel as
compared to long-chain alkanes: (i) ethanol has a lower
energy density compared to petroleum (i.e., approximately
20x10°> BTU/liter for ethanol versus 30x10> BTU/liter for
petroleum); (ii) ethanol is completely miscible with water,
leading to significant absorption of water into the fuel; and
(iii) it has a relatively low boiling point (73° C.), leading to
excessive evaporation at elevated temperatures. Most signifi-
cantly, however, the fermentation process used to produce
bio-ethanol from carbohydrates leads to an aqueous solution
containing only about 5 to 10 wt % ethanol. A significant
amount of energy is required to distill the ethanol from the
water to yield fuel-grade ethanol. Indeed, the overall energy
balance for production of bio-ethanol is not very favorable,
and it has been estimated that the amount of energy required
to produce bio-ethanol is approximately equal to (or greater
than) the energy-content of the ethanol produced (11, 12, 36).

Long-chain alkanes comprise the vast majority of compo-
nents in transportation fuels from petroleum (branched
alkanes in gasoline, linear alkanes in diesel). Converting
renewable biomass resources to liquid alkanes is therefore an
attractive processing option. Most notably, liquid alkanes
produced from biomass (i) can be distributed using infra-
structure already employed for petroleum-derived products;
(i1) can be added to the existing petroleum pool for further
processing (e.g., blended fuels); and (iii) can be burned in
existing internal combustion engines, without altering the
engine or the fuel.

SUMMARY OF THE INVENTION

The invention is a method of making hydrocarbons or
oxygenated hydrocarbons, preferably C, to C; ¢ hydrocarbons
and/or oxygenated hydrocarbons. In the preferred version of
the invention, liquid alkanes (i.e., C5 and longer, linear,
branched or cyclic) can be produced directly from biomass-
derived compounds, including polysaccharides, monosac-
charides, and polyols (e.g., glycerol) via an integrated process
involving catalytic conversion to H,/CO gas mixtures (syn-
thesis gas) and Fischer-Tropsch synthesis (or other carbon-
carbon bond-forming reactions). The Fischer-Tropsch syn-
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thesis step can be carried out subsequent to the glycerol
conversion step, or importantly, both reactions can be coupled
by integrating the active sites for each reaction within a single
catalyst bed. Thus, in one version of the invention, catalytic
conversion of glycerol and Fischer-Tropsch syntheses are
coupled in a two-bed reactor system. In the preferred proto-
col, the conversion of the reactant feedstock to synthesis gas
is accomplished using a catalyst comprising Pt—Re on a
carbon support. The carbon-carbon bond-forming reaction is
then accomplished using a catalyst comprising Rw/TiO,.

In another version of the invention, catalytic conversion of
glycerol and Fischer-Tropsch synthesis are coupled in a
single reactor, preferably using a single catalyst bed compris-
ing a physical mixture of Pt—Re/C and Ru/TiO,. Alterna-
tively, as described in the Detailed Description, the method
can be carried out in a single reactor, but using one, two, or
more distinct catalyst beds, each bed containing one or more
distinct catalysts. For example, the method can be carried out
using a single catalyst bed containing a homogeneous, dual-
function catalyst, or the method can be carried out using a
single catalyst bed containing two or more catalysts physi-
cally mixed together, or the method can be carried out using
two or more catalyst beds in a stacked or staged configuration.
All of these versions of the invention produce liquid alkanes
with S, between about 46% and about 64%, with between
about 15% and about 50% of the carbon in the products
contained in the organic liquid phase. (See the Examples.)
The aqueous liquid effluent from the integrated process con-
tains between about 5% and about 15 wt % methanol, ethanol,
and acetone, which can be separated from the water via dis-
tillation and used in the chemical industry or recycled for
conversion to gaseous products. This integrated process sig-
nificantly improves the economics of “green” Fischer-Trop-
sch synthesis by reducing capital costs and increasing the
thermal efficiency of the reactions. Thus, a notable advantage
of the present invention is that it allows for smaller scale
Fischer-Tropsch reactors to be incorporated as a component
of a bio-refinery. The present invention can also be used to
process waste glycerol from bio-diesel plants into liquid
fuels. Moreover, the coupling of (a) converting biomass to
synthesis gas, and (b) Fischer-Tropsch synthesis leads to syn-
ergies in the operations of these processes. Integrating these
two reactions into a single reactor avoids the highly endot-
hermic and exothermic steps that result from running the
reactions separately.

A notable advantage of the present invention is that by
integrating the gasification reaction and the carbon-carbon
bond-forming reaction into a “single pot” eliminates the
inhibiting effect of CO partial pressure on the rate of the
gasification reaction by consuming the CO in the same reac-
tor (in the carbon-carbon bond-forming reaction).

Thus, the invention is a method of fabricating hydrocar-
bons (preferred), oxygenated hydrocarbons, and other
organic compounds. The method comprises performing two
reactions, one exothermic and the other endothermic, and
integrating the heat from the exothermic reaction to supply (at
least in part) the energy required to drive the endothermic
reaction. Thus, the method comprises performing an endot-
hermic gasification reaction with a biomass reactant, at a
temperature less than or equal to about 750 K, to yield syn-
thesis gas. The method further comprises performing an exo-
thermic carbon-carbon bond-forming reaction (or more gen-
erally any exothermic synthesis gas utilization reaction), such
as methanol synthesis or dimethylether synthesis) with the
synthesis gas produced in the endothermic reaction. The exo-
thermic reaction is performed at a temperature greater than or
equal to the temperature of the gasification reaction per-
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formed in step (a). In the preferred embodiment, the exother-
mic reaction produces hydrocarbons (as well as heat). The
heat generated from the exothermic synthesis gas utilization
or carbon-carbon bond-forming reaction is recycled (i.e.,
integrated) to provide (at least in part) the energy required to
drive the endothermic gasification reaction.

More specifically, the invention is directed to a method of
fabricating hydrocarbons and oxygenated hydrocarbons. A
first version of the invention comprises performing an endot-
hermic gasification reaction with a biomass reactant (prefer-
ably a polysaccharide, a monosaccharide, and/or a polyol) at
a temperature less than or equal to about 750 K, to yield
synthesis gas. An exothermic synthesis gas utilization reac-
tion or carbon-carbon bond-forming reaction is then per-
formed using the synthesis gas formed in the first step at a
temperature greater than or equal to the temperature of the
initial gasification reaction. The exothermic reaction pro-
duces hydrocarbons or oxygenated hydrocarbons, and heat.
The heat generated from the synthesis gas utilization reaction
or carbon-carbon bond-forming reaction is then integrated
with the endothermic gasification. Thus the heat generated in
the exothermic reaction is used to drive (at least in part) the
endothermic gasification reaction.

It is preferred that the endothermic gasification reaction be
carried out at a temperature less than or equal to about 750 K
(and more preferably =about 625 K, more preferably
still Zabout 575 K, and still more preferably =about 550 K).
As noted earlier, the reactions may be performed in two
separate vessels, or in a single vessel with one, two, or more
separate catalyst beds, and using one, two, or more catalysts.

Another version of the invention is a method of fabricating
C, to C;¢ linear or branched hydrocarbons or oxygenated
hydrocarbons. The method comprises performing an endot-
hermic gasification reaction with a reactant stream compris-
ing biomass, at a temperature less than or equal to about 750
K (and more preferably =about 625 K, more preferably
still Zabout 575 K, and still more preferably =about 550 K),
to yield synthesis gas. An exothermic Fischer-Tropsch reac-
tion is undertaken with the synthesis gas so formed at a
temperature greater than or equal to the temperature of the
gasification reaction, wherein the reaction produces C, to C;¢4
hydrocarbons and/or oxygenated hydrocarbons, and heat.
The heat generated from the Fischer-Tropsch reaction is inte-
grated with the endothermic gasification reaction, thus mak-
ing the entire process very energy efficient.

It is very much preferred that the endothermic gasification
reaction be run at a temperature that is optimized for the
synthesis gas utilization or carbon-carbon bond-forming
reaction. This condition results in an overall, integrated reac-
tion that is most efficient in terms of matching the heat gen-
erated by the exothermic reaction with the heat required by
the endothermic reaction. Thus, where the exothermic reac-
tion is a Fischer-Tropsch reaction, it is preferred that both the
Fischer-Tropsch reaction and the gasification reaction be run
at a temperature optimized for the Fischer-Tropsch reaction.

In the preferred version of the invention, both the endot-
hermic gasification reaction and the exothermic synthesis gas
utilization or carbon-carbon bond-forming reaction are per-
formed simultaneously in a single reactor vessel. Alterna-
tively, the two reactions may be run in separate reaction
vessels, with the heat generated in the exothermic reaction
being recycled to supply heat to the endothermic gasification
reaction. The reactor can be of any design now known or
developed in the future, so long as the reactor design enables
the heat of the exothermic reaction to be integrated with the
endothermic reaction. Designing reactor systems to maxi-
mize heat integration between two or more reactions is well
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known in the art and will not be discussed in any detail herein.
See, for example, references (33) and (34).

The preferred feedstock for the endothermic gasification
reaction comprises biomass or compounds derived from bio-
mass, including, but not limited to, cellulosics, lignocellu-
losics, polysaccharides, monosaccharides, polyols, and the
like. The preferred feedstock comprises monosaccharides
and/or glycerol. As used herein, the term “biomass” refers to
the organic materials produced by plants, such as leaves,
roots, seeds, and stalks, as well as microbial and animal
metabolic wastes (e.g., manure), without limitation. Com-
mon sources of biomass include (without limitation): (1)
agricultural wastes, such as corn stalks, straw, seed hulls,
sugarcane leavings, bagasse, nutshells, and manure from
cattle, poultry, and hogs; (2) wood materials, such as wood or
bark, sawdust, timber slash, and mill scrap; (3) municipal
waste, such as waste paper and yard clippings; and (4) energy
crops, such as poplars, willows, switch grass, alfalfa, prairie
bluestem, corn, soybean, and the like. The term “biomass-
derived reactant” refers to any reactant that can be fabricated
from biomass by any means now known or developed in the
future, including (without limitation) polysaccharides,
monosaccharides, polyols, oxygenated hydrocarbons, sug-
ars, starches, and the like, for example, ethanediol, ethanedi-
one, glycerol, glyceraldehyde, aldotetroses, aldopentoses,
aldohexoses, ketotetroses, ketopentoses, ketohexoses, and
alditols.

The preferred exothermic, carbon-carbon bond-forming
reaction is a Fischer-Tropsch reaction. The gasification reac-
tion may be performed using one or more catalysts compris-
ing a Group VIIIB metal (Fe, Co, Ni, Ru, Rh, Pd, Os, Ir, and
Pt) or any of the catalysts listed in the Detailed Description.
The catalysts may be unsupported or supported on any suit-
able support. (See the Detailed Description for a list of exem-
plary supports.)

In the preferred version of the invention, the endothermic
gasification reaction is performed using a reactant feed stock
comprising glycerol, and the exothermic synthesis gas utili-
zation or carbon-carbon bond-forming reaction is a Fischer-
Tropschreaction. Other exothermic reactions (such as metha-
nol synthesis or dimethylether synthesis) may also be
utilized.

To match the temperatures of the two reactions more
closely, it is preferred that the gasification reaction is per-
formed using at least one catalyst comprising a Group VIIIB
metal or a combination of Group VIIIB metals, and more
preferably still at least one catalyst comprising platinum,
ruthenium, rhenium (a Group VIIB metal) or a combination
thereof. The catalyst may optionally be disposed on a support,
which is generally preferred because these supported cata-
lysts tend to be more stable over time (see the Detailed
Description). Any suitable support may be used. Preferred
supports include, without limitation, carbon, as well as oxides
of aluminum, cerium, zirconium, and magnesium, and com-
binations of any of these. The most preferred version of the
invention utilizes one or more catalysts comprising platinum,
ruthenium, a combination of platinum and ruthenium, or a
combination of platinum and rhenium, and the catalyst is
disposed on a support selected from the group consisting of
carbon, Al,0;, CeO,, ZrO,, MgO, ZrO, and combinations
thereof.

Thus, in the present invention biomass-derived reactants
are converted to gas mixtures of H, and CO (i.e., synthesis gas
or “syngas”); the synthesis gas is used to produce fuels and
chemicals by Fischer-Tropsch reaction, methanol syntheses,
or other carbon-carbon bond-forming reactions. In the pre-
ferred version, the synthesis gas is produced from glycerol
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over catalyst(s) comprising platinum. As shown in the
Examples provided herein, the present method yielded syn-
thesis gas with high rates and high selectivities, at tempera-
tures that are significantly lower compared to conventional
gasification of biomass. In the present invention, at least a
portion of the endothermic heat for the synthesis gas genera-
tion step is supplied from the exothermic heat of the carbon-
carbon bond-forming reaction. In the present invention, the
temperature ranges for these catalytic processes are made to
overlap or very nearly overlap, a novel feature in the field of
fabricating organic compounds using a synthesis gas feed
stock. Thus, the present invention provides an energy-effi-
cient route for producing fuels and chemicals from renewable
biomass resources in general, and from glycerol in particular.

Producing synthesis gas from biomass has been recognized
for years as a promising platform from which a variety of
valuable products can be made. However, conventional pro-
duction of syngas from biomass requires very high tempera-
tures, which limits the efficiency of the overall process. As
shown herein, the catalytic production of synthesis gas from
biomass (glycerol in particular) can be made to take place at
temperatures (about 550 K to less than about 750 K, and
preferably less than about 620 K) that are significantly lower
than those employed using conventional direct catalytic gas-
ification of biomass (at 800 K) (4) or using conventional
two-stage gasification of biomass, which involves a fast
pyrolysis of biomass (at 773 K) (5, 6), followed by steam
reforming of the resulting bio-oil (at 1000 K).

Importantly, in the present invention the low temperatures
of the gasification step overlaps or nearly overlaps the tem-
peratures employed for Fischer-Tropsch and methanol syn-
theses (synthesis gas utilization reactions in general). As a
result, at least a portion (and potentially all) of the heat
required for the endothermic gasification step can be supplied
from the heat generated by the highly exothermic synthesis
gas utilization or carbon-carbon bond-forming reactions. In
particular, the gasification of glycerol (the preferred reactant)
to produce CO and H, takes place by the following stoichio-
metric reaction:

C30;Hg—3CO+41, 3)

The endothermic heat of this reaction corresponds to about
24% of the heating value of the glycerol. The exothermic heat
generated by converting the CO and H, from glycerol to
produce liquid alkanes (e.g., octane) from Fischer-Tropsch
synthesis corresponds to about 28% of the heating value of
the glycerol. (This number includes the small amount of heat
liberated during water-gas shift (CO+H,0—CO,+H,) to
adjust the H,:CO gas ratio in accord with the stoichiometry of
the overall reaction.) Integrating the gasification reaction and
the Fischer-Tropsch synthesis steps therefore leads to the
following slightly exothermic process, with a heat that is only
about 4% of the heating value of the glycerol:

@
7 19 37
C303Hg —— — CsHjg+ — COy + — H,0
34308 5 8ri1s 25 2 5 2

Thus, a very notable advantage of the present invention is
that the gasification reaction will function using a feed stock
having a high concentration of glycerol (25% by weight and
higher). Thus, the present invention is commercially attrac-
tive for creating value-added organic compounds from the
large (and growing) amounts of glycerol that are created as a
by-product of bio-diesel production. In particular, the synthe-
sis gas produced from glycerol can be used to produce metha-
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nol, an important reactant in the transesterification process,
thereby decreasing the bio-diesel production cost by utilizing
the glycerol by-product.

As detailed below, it is generally preferred to use phase
reaction conditions achieved by vaporizing concentrated
aqueous solutions of glycerol (e.g., 25-50 wt %), leading to
low partial pressures of water.

BRIEF DESCRIPTION OF THE FIGURES

FIGS.1A,1B,1C, and 1D are graphs depicting variation of
conversion to gas phase products (FIG. 1A), H, turnover
frequency (FIG. 1B), CO/CO, molar ratio (FIG. 1C), and C,
to H, ratiox100 (FIG. 1D) for Pt catalysts supported on Al,O,
(W), CeO,/Zr0, (A), C (V), ZrO, (#), and MgO/ZrO (o).
Conversion to gas phase is calculated as (carbon atoms in gas
phase product stream-+total carbon atoms into reactor as
feed)x100. The reactions were performed at 1 bar and 623 K
with 0.32 cm® min~* of 30 wt % aqueous-glycerol feed solu-
tion over 1.0 g of oxide-supported Pt catalysts or 0.060 g of
Pt/C catalyst. ¥* indicates point after 72 hours time-on-
stream.

FIGS. 2A, 2B, 2C, and 2D are graphs depicting variation of
glycerol conversion to gas phase products (FIG. 2A) and
molar ratios for gas phase reforming of 30 wt % glycerol
(FIG. 2B) at 1 bar (W), 50 wt % glycerol ata 1 bar (A), and 30
wt % glycerol at 20 bar (@) over 0.090 g Pt/C at 623 K.
Variation of glycerol conversion to gas phase products (FIG.
2C) and molar ratios (CO/CO,=closed symbols;
H,/CO=open symbols) for gas phase reforming of 30 wt %
glycerol (FIG. 2D) at 1 bar over Pt:Ru/C at 548 K (triangles:
0.435 g catalyst) and 573 K (squares: 0.513 g catalyst) and
over Pt:Re/C at 498 K (inverse triangles: 0.535 g catalyst) and
523 K (circles: 0.535 g catalyst). Liquid feed rate 0£0.16 cm®
min~! for FIGS. 2A and 2B, and 0.08 cm® min~* for FIGS. 2C
and 2D.

FIG. 3 is a schematic diagram of an exemplary reaction
kinetics apparatus that can be used to evaluate the present
invention. (H, flow is used only during catalyst reduction.)

FIGS. 3A, 3B, and 3C are schematic representations of
reactor and catalyst bed arrangements that can be used in the
present invention. FIG. 3A depicts a single-reactor, single-
bed arrangement. FI1G. 3B depicts a single-reactor, multiple-
bed arrangement; FIG. 3C depicts a two-reactor arrangement.

FIGS. 4A and 4B are graphs depicting variation of glycerol
conversion to gas phase products (FIG. 4A) and molar ratios
for gas phase reforming of 0.16 cm® min~" of 30 wt % glyc-
erol (FIG. 4B) at 1 bar and 623 K for a single bed system
(0.090 g Pt/C: open symbols) and a double bed system (0.090
g Pt/C, 1.0 g Pt/CeO2/710O,: closed symbols).

FIG. 5 is a graph depicting molecular weight distributions
for dry synthesis gas (H), and water (4), acetone (@), ethanol
(&), and acetol (V) co-feeds. Experimental conditions were
as listed in Table 2. ASF line plotted with a=0.83.

FIG. 6 is a graph depicting the conversion to gas phase
products (#), CO/CO, molar ratio (@), and H,/CO molar
ratio (M) for gas-phase processing of 30 wt % aqueous-glyc-
erol feed at 548 K and 8.3 bar. Conversion to gas phase was
calculated as (C atoms in gas phase product stream/total C
into reactor as feed)x100. The reactions were carried out
using 0.08 cm® min~! of feed solution over 520 mg of catalyst.

FIG. 7 is a graph depicting the molecular weight distribu-
tions for the combined glycerol conversion with Fischer-
Tropsch synthesis experiments using 1.0 g Pt—Re/C with 1.7
g Ru/TiO2 (M) and 3.0 g Ru/TiO2 (@). ASF line plotted with
a=0.8.
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DETAILED DESCRIPTION

At the heart of the present invention is a reaction protocol
which matches the temperature of an endothermic gasifica-
tion reaction with the optimum temperature for an exothermic
carbon-carbon bond-forming reaction (e.g., Fischer-Trop-
sch) or more generally the synthesis gas utilization reaction
(for example, methanol synthesis or dimethylether synthe-
sis). By judiciously selecting the reaction conditions and the
catalysts for each reaction, the two reactions can be made to
perform at optimum levels at about the same temperature (or
at relatively close temperatures). The heat from the exother-
mic carbon-carbon bond-forming reaction is then used to
drive the endothermic gasification reaction.

Thus, FIG. 1 shows results for the performances of various
supported Pt catalysts for gas-phase reforming at 623 K and
atmospheric pressure using a feed solution comprising 30
wt % glycerol in water. Catalysts comprising Pt supported on
AL O;, 7r0,, Ce0,/7Zr0,, and MgO/ZrO, exhibited rela-
tively rapid deactivation during time-on-stream. Thus, while
these catalysts can be used in the present invention, they are
not preferred. The Pt/C catalyst showed stable conversion of
glycerol to synthesis gas for at least 72 h. See FIG. 1A. The
catalyst with the most acidic support reported here, Pt/Al,0O;,
showed a period of stable catalytic activity during the first 30
hours, followed by a period of rapid catalyst deactivation.
This behavior is characteristic of a deactivation front that
moves from the reactor inlet to the outlet, and the onset of
rapid deactivation occurs when the front reaches the exit of
the reactor. The most basic catalyst support tested here, MgO/
Zr0,, showed rapid deactivation for all times-on-stream. The
most stable oxide-supported catalyst tested appears to be Pt
on Ce0,/7r0,. However, the performance of this catalyst is
still less preferred than Pt supported on carbon.

FIG. 1B shows the rates of H, production on the various
catalysts, expressed as turnover frequencies (TOF), where the
rates have been normalized by the number of surface Pt atoms
as determined by the saturation adsorption of CO at 298 K.
The turnover frequencies for hydrogen production deter-
mined in this manner are higher (e.g., by a factor of atleast 10)
than the values for hydrogen generation by aqueous phase
reforming at 500 K over an alumina-supported Pt catalyst
(see, for example, 19). The rate of H, generation from glyc-
erol over the Pt/C catalyst corresponds to approximately 160
Watts of power generation per gram of catalyst (using the
lower heating value of H,). Because this catalyst is producing
gas with a H,:CO ratio of approximately 1.3, the energy
content of the effluent gas corresponds to approximately 300
Watts per gram of catalyst.

The different deactivation profiles displayed in FIGS. 1A
and 1B forthe various catalysts tested suggest that the support
plays an important role in the deactivation process. The
H,:CO ratio for the product stream from the Pt/C catalyst is
equal to approximately 1.3 (see Table 1), which is in agree-
ment with the stoichiometry of reaction 3. In contrast, the
H,:CO ratios obtained over the other catalysts were greater
than 1.5, indicating the contribution of other reactions, such
as the water-gas shift (WGS). This behavior is demonstrated
more clearly by the CO:CO, ratio, as shown in FIG. 1C. The
initial CO:CO, ratio for Pt/C is 12, while it is less than 3 for
the other catalyst. Thus, it appears that the WGS reaction is
facilitated by the presence of the oxide support, as reported in
other studies of the WGS reaction over supported metal cata-
lysts (22-24). It also appears from FIG. 1C that the rate of
WGS over the Pt/ZrO, catalyst decreases with time-on-
stream.
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FIG. 1D shows the rate of formation of C,-hydrocarbons
(ethane and ethylene) normalized by the rate of H, production
for the various supported Pt catalysts (where this ratio is
multiplied by 100). Only small amounts of C,-hydrocarbons
were formed on the Pt/C catalyst. In contrast, catalysts com-
prising Pt supported on the various oxide supports formed
significant amounts of C,-hydrocarbons, and the (C,-TOF):
(H,-TOF) ratio appears to increase with time-on-stream. This
behavior suggests that one of the modes of catalyst deactiva-
tion is caused by dehydration processes occurring on the
oxide catalyst supports. While not being bound to any specific
underlying mechanism, this presumably leads to the forma-
tion of unsaturated hydrocarbon species that form carbon-
aceous deposits on the Pt surface, thereby decreasing the rate
of H, production and increasing the (C,-TOF):(H,-TOF)
ratio.

Table 1 shows the performance of the Pt/C catalyst under
various reaction conditions. Conditions leading to lower con-
versions of glycerol (i.e., higher flow rates of the 30 wt %
glycerol feed and higher glycerol concentrations at constant
feed flow rate) lead to higher CO:CO, ratios. This behavior
suggests that the primary reaction in glycerol conversion
using this catalyst system is the formation of CO and H,, and
the production of CO, by WGS is a secondary reaction. The
rate of methane formation remained low for all of the condi-
tions in Table 1.

TABLE 1

Experimental Data for Catalytic Conversion
of Glycerol at Various Conditions.

Conversion

Process to gas phase H,TOF CO/ CHY/

Conditions (%) (min~!)y H,/CO CO, H,
Feed flow rate 0.08 68 111 1.6 5.7 0.038
(em® min~t)® 0.16 71 241 1.4 8.8 0.036
0.32 64 373 1.3 12 0.045
0.64 39 449 1.3 17 0.038
Glycerol 20 64 265 1.4 8.7 0.025
concentration 30¢ 50 285 1.3 14 0.032
(wt %)* 50 26 267 1.2 37 0.050
Temperature 573 17 104 1.31 90 0.037
(K 623 54 335 1.31 17 0.027
673 100 600 1.33 11 0.027

673 72 450 1.38 — —
723 61 419 1.68 4.6 0.019

723°¢ 43 300 1.83 — —

For the reaction kinetics studies in Table 1, 0.060 g of 5 wt % Pt/C was used.
“Glycerol feed concentration of 30 wt %, 623 K, and 1 bar.

"Feed flow rate 0f 0.32 cm’ min’l, 623 K, and 1 bar.

“Point taken after 2 h time-on-stream.

dGlycerol feed concentration of 30 wt % at 0.32 cm® min ™' and 1 bar.

“Point taken after 3 h time-on-stream.

The results in Table 1 show that the rate of H, production
passes through a maximum with respect to reaction tempera-
ture at constant feed conditions. The rate increases with
increasing temperature from 573 to 623 K, consistent with an
activation energy barrier of about 75 kl/mol. In contrast,
while the rate of hydrogen production increases further when
the temperature is initially increased to 673 K, the Pt/C cata-
lyst begins to undergo deactivation versus time-on-stream at
this higher temperature. It is presumed that dehydration pro-
cesses are too fast compared to H, formation reactions at
higher temperatures, leading to catalyst deactivation.

FIGS. 2A and 2B show the performance of the Pt/C catalyst
at increased pressure (from 1 to 20 bar) for the 30 wt %
glycerol feed, and for increased glycerol feed concentration
(from 30 to 50 wt %) at a pressure of 1 bar. The catalyst
showed good stability for at least 48 h time-on-stream for
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both the higher glycerol feed concentration (50 wt %) and the
higher reaction pressure (20 bar). Of critical note is that the
Pt/C catalyst shows excellent stability for converting a 30 wt
% glycerol feed to produce synthesis gas at 20 bar with a
H,:CO ratio (equal to approximately 2) that is appropriate for
subsequent Fischer-Tropsch (2) or methanol synthesis (3).

To achieve efficient heat transfer from the exothermic Fis-
cher-Tropsch or methanol synthesis steps (or the synthesis
gas utilization step in general) to the endothermic gasification
step, it is beneficial to operate the gasification step at the
lowest possible temperature. Therefore, the studies of glyc-
erol gasification described in the Examples were carried out at
548 and 573 K, temperatures where the rate is low because of
surface poisoning by strongly adsorbed CO. To achieve high
conversions of glycerol at these low temperatures, a bimetal-
lic catalyst comprising Pt:Ru was chosen (with a Pt:Ru
atomic ratio of 1:1), along with a bimetallic catalyst compris-
ing Pt:Re (with a Pt:Re atomic ratio of 1:1), because the
presence of Ru and Re decrease the strength of CO adsorption
(25). FIGS. 2C and 2D show that the conversion of glycerol,
as well as the CO:CO, and H,/CO ratios, remain constant for
at least 72 h time-on-stream at these low temperatures over
the Pt:Rw/C and the Pt:Re/C catalysts. The overall carbon
balances for these runs closed to within 5%, and the main
condensable organic species in the effluent stream was
unconverted glycerol (73 mol % and 35 mol % at 548 K and
573 K, respectively), with smaller amounts of methanol (4
mol % and 15 mol % at 548 K and 573 K, respectively) and
acetic acid (20 mol % and 40 mol % at 548 K and 573 K,
respectively).

Thus, in the present invention, the heat liberated from a
carbon-carbon bond-forming reaction or an exothermic syn-
thesis gas utilization reaction in general (and preferably a F-T
reaction) is recycled to provide (at least in part) the energy
required for a biomass gasification reaction in general (and
preferably a glycerol gasification reaction). Of particular
advantage is that the two reactions can be performed in a
single reactor, such as those shown in FIG. 3A and FIG. 3B.

These results demonstrate that the gasification of biomass
in general, and glycerol in particular can, in fact, be operated
at temperatures well within the temperature ranges employed
for Fischer-Tropsch and methanol syntheses (2, 3, 26), allow-
ing for efficient heat integration between these processes.
Moreover, the H,/CO ratio can be adjusted by adding a sec-
ond catalyst bed that is effective for the WGS, as is illustrated
in the Examples. Note that the rate of H, production at 573 K
over Pt:Ru/C (FIGS. 2C and 2D) is lower than the rate over
Pt/C (Table 1) because higher glycerol conversions and
higher CO partial pressures were achieved over the Pt:Ru/C
catalyst.

The invention is thus a low-temperature catalytic process
for gasification of glycerol to produce H,:CO gas mixtures
that are suitable for subsequent Fischer-Tropsch and metha-
nol syntheses (or exothermic synthesis gas utilization steps in
general). The products of the gasification reaction can be
utilized directly in the carbon-carbon bond-forming reaction,
without any intervening treatment. (Of course, this is neces-
sarily the case when the two reactions are carried out in a
single reactor vessel, rather than in two separate reactors.)
The invention opens new opportunities for heat integration
between the gasification and synthesis gas utilization steps.
This system achieves stable operation over long periods of
time and provides a new direction for producing fuels and
chemicals from renewable sources.

To demonstrate the performance of a carbon-supported
Pt—Re catalyst at high pressure, a feed solution containing
30 wt % glycerol in water was converted to synthesis gas at

20

25

30

35

40

45

50

55

60

65

12

548 K and 8.3 bar over 10 wt % Pt—Re (atomic ratio 1:1)/C.
After a period of 60 h, during which the conversion of glyc-
erol to gas-phase products decreased from 68% to 57%, the
catalyst showed excellent stability for an additional 60 h
time-on-stream (see the Examples and FIG. 6). The gas-phase
effluent comprises synthesis gas with a H,:CO ratio equal to
1.6, which can be adjusted via the water-gas shift reaction to
reach the 2:1 ratio appropriate for Fischer-Tropsch synthesis
(37). The balance of the gaseous products comprise CO,
(CO:CO, molar-ratio of about 6) and light alkanes (C,-Cs;,
with a CO:alkanes carbon ratio of about 10). At 548 K and 5
bar, the gas-phase product distribution and catalytic stability
were similar, and the conversion to gas-phase products was
approximately 80%. The remaining glycerol was converted to
liquid products such as methanol, ethanol, n-propanol, ethyl-
ene glycol, 1,2 propanediol, acetone, and acetol, all of which
can be converted to H,/CO gas mixtures containing small
amounts of alkanes (17). The carbon balance closed to within
about 10%. See the Examples for a description of the liquid
phase product distribution.

To couple the conversion of glycerol to synthesis gas with
a Fischer-Tropsch synthesis in a two-bed reactor requires
exposure of the down-stream Fischer-Tropsch catalyst to
water vapor from the aqueous glycerol feed. Initial experi-
ments using a 30 wt % glycerol feed with a two-bed system,
comprising a Pt—Re/C catalyst followed by a Co-based Fis-
cher-Tropsch catalyst, showed a relatively low activity for
liquid alkane formation. Iglesia, et al. report that small
amounts of water can improve the performance of Co-based
Fischer-Tropsch catalysts (38). However, the highest water
partial pressure in the Iglesia et al. study (P, o:P-o=3) was
lower than that which results from conversion of a 30 wt %
glycerol feed (P, ,:P-,=8). Also, the studies by Iglesiaetal.
(38) were conducted at higher total pressure (20 bar). There-
fore, in the present invention, it is advantageous to decrease
the ratio of water to CO. Thus, the Pt—Re/C catalyst was
tested on 50 wt % and 80 wt % glycerol solutions between
1-11 bar. Table 2 shows the conversion to gas phase products
as well as the H,:CO and CO:CO, molar ratios.

TABLE 2

Performance of Pt—Re/C for the conversion of concentrated glycerol
in water solutions to synthesis gas at various pressures. Conversion
to gas phase products calculated as (C atoms in gas phase product

streamv/total C into reactor as feed) x 100. Reaction carried out using

~0.04 cm® min~! of feed over 1.0 g catalyst at 548 K.

Feed Conversion
concentration Pressure to gas phase
(wt %) (bar) H,:CO CO:CO, products (%)

80 1 1.4 23 86

50 1 1.6 11 96

80 5 1.2 13 56

50 5 1.5 7.8 76

80 11 1.0 5.0 44

50 11 1.4 2.7 55

The conversion to gas phase products increases with
decreasing concentration of glycerol in the feed at constant
pressure and decreases with increasing pressure at constant
feed concentration. The water gas shift activity increases at
higher pressures and/or lower feed concentrations because of
the increased partial pressure of H,O, as evidenced by the
decrease in the CO:CO, ratio. These experiments were car-
ried out at 548 K and pressures above the dew point for 50 wt
% and 80 wt % glycerol feed solutions. However, each con-
dition tested showed stable operation for approximately 20 h
time-on-stream, and there was only a 6% loss in activity after
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operation at 11 bar with 80 wt % glycerol feed. The liquid
phase contained oxygenated hydrocarbon products similar to
those for the conversion ofa 30 wt % glycerol feed. The liquid
product distribution for each condition in Table 2 is provided
in the Examples.

The product distributions for the conversion of aqueous
glycerol solutions at various pressures are consistent with the
reaction scheme proposed by Cortright, et al. (17) for the
aqueous phase reforming of polyols. The reaction scheme
comprises glycerol adsorption-dehydrogenation, C—C bond
cleavage, and desorption of CO and H,. Water-gas shift of
adsorbed CO leads to CO, production, and cleavage of C—O
as opposed to C—C bonds results in the formation of alkanes
and alcohols (17). The liquid phase products can be con-
densed from the synthesis gas and then recycled for further
conversion to gaseous products.

To achieve energy integration between the endothermic
conversion of glycerol to synthesis gas and the exothermic
conversion of synthesis gas to liquid alkanes, the temperature
for the Fischer-Tropsch synthesis step must be comparable to
(or higher than) that employed in the glycerol conversion
step. Also, the pressures at which both reactions are con-
ducted should be similar to minimize compression costs.
(Thatis, the reactions can be performed at different pressures,
but the energy required to compress the gasses for the higher-
pressure reaction will decrease the energy efficiency of the
overall process.) Furthermore, when the synthesis gas from
the glycerol conversion step is fed directly to the Fischer-
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version and activity both decrease slightly with the addition
of oxygenated hydrocarbons to the synthesis gas. It is pos-
sible that adsorbed species from these molecules inhibit the
Fischer-Tropsch reaction by blocking Ru sites for CO and H,
adsorption. This decrease in activity could be the reason for
the lower CO, selectivites with oxygenated hydrocarbon co-
feeds compared to with the water co-feed. The selectivity to
C,, hydrocarbons slightly increases with the addition of oxy-
genated feed molecules compared to dry synthesis gas feed,
while the selectivities to methane and CO, are unchanged.
The only exception is that the selectivity to methane
decreases by more than a factor of two (2) with the addition of
acetol. Acetol reacted readily upon addition to the Fischer-
Tropsch reactor. All of the acetol reactant feed yielded prod-
ucts, with 30% being converted to acetone, methanol, and
ethanol in the aqueous product phase and 20% being con-
verted to oxygenated species in the organic product phase
(mostly hexanones). Another 10% of the acetol feed was
converted to gaseous acetone. Therefore, about 40% of the
carbon fed to the reactor as acetol entered into Fischer-Trop-
sch chain growth and was converted into liquid hydrocarbons.
These results indicate that the water and oxygenated hydro-
carbons in the synthesis gas produced in the glycerol conver-
sion process have little effect on the selectivity of the Fischer-
Tropsch catalyst. In the case of acetol, this oxygenated
hydrocarbon appears to have a synergistic effect by adding to
the hydrocarbon chain growth. Therefore, the work described
herein demonstrates the

TABLE 3

Results of Fischer-Tropsch synthesis over 4 g of 2.9 wt % RwTIiO, at 548 K.
Reaction carried out using ~150 cm® min~! synthesis gas (H,:CO=2).

P

Oxygenated feed Pro Pmo P oxygenate Total P GHSV Site time yield

molecule (bar) (bar) (bar)  (bar) (bar) (7Y Xco (%) min™)"  Scs,? Scm Scon
— 1.7 33 — — 5 410 53 2.7 0.29 035 0.09
Water 1.7 35 29 — 8.1 630 55 2.8 023 032 0.23
Acetol/Water 1.8 35 26 0.2 8.1 630 30 1.5 0.38 015 0.05
Ethanol/Water 1.9 37 22 0.3 8.1 590 32 1.7 0.34 035 0.10
Acetone/Water 1.9 38 21 0.3 8.1 570 26 1.4 032 035 o011

“Gas hourly space velocity (GHSV) calculated as total volumetric flow rate into the reactor divided by the volume of the catalyst bed (39)
Conversion of CO is calculated as, [Fco)m — ®co)ow' o)l x 100 where F is the molar flowrate.

“Defined as in reference 39.

4Selectivities are calculated as, St = OF Crtr/Frotal C producss Where i is the number of carbons in the alkane product and F is the total molar flowrate

of C in the products.

Tropsch catalyst, the catalyst will be exposed to water and
oxygenated hydrocarbon by-products. Therefore, a series of
Fischer-Tropsch synthesis experiments were conducted at
548 K and 5 bar over 4 g of 2.9 wt % Ru/TiO, catalyst with
150 cm® min~" of dry synthesis gas (H,:CO=2) and with
co-feeds of water or aqueous solutions of acetol, ethanol, or
acetone (the most abundant liquid phase products from glyc-
erol conversion) to simulate the conditions of a two-bed reac-
tor system that processes an 80 wt % glycerol feed at 5 bar. A
Ru-based Fischer-Tropsch catalyst was used because a Co-
based catalyst showed low activity during initial experiments.
Table 3 lists the conversion of CO and selectivities to CH,,
CO,, and Cs, hydrocarbons for these Fischer-Tropsch syn-
thesis experiments.

The conversion of CO is about 50% for Fischer-Tropsch
synthesis with dry synthesis gas. Adding water to the synthe-
sis gas feed increases the selectivity to CO,, most likely by an
increase in the rate of water-gas shift; however, the conver-
sion of CO and the activity (as defined by the site time yield)
remain similar to the dry synthesis gas experiment. The con-
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integration of (1) oxygenated hydrocarbon conversion to syn-
thesis gas with (2) Fischer-Tropsch synthesis in a two-bed
reactor system. The reactions will yield the desired F-T prod-
ucts without the need to condense water and liquid by-prod-
ucts between the two catalyst beds. (And, as noted above,
both reactions can be accomplished over a single, mixed
catalyst bed.) The products of the oxygenated hydrocarbon
conversion to synthesis gas reaction can be fed directly into a
Fischer-Tropsch reaction without any intervening treatment
steps. (A detailed description of the carbon distribution for
the Fischer-Tropsch reactions is provided in the Examples.)

The activity and selectivity of Fischer-Tropsch catalysts
can be affected by transport limitations within the catalyst
pellets (2, 38, 39). An increase in Ru site density or pellet
radius leads to increased Cs, selectivity caused by diffusion-
enhanced re-adsorption of a-olefins, which inhibits chain
termination (2). However, these diffusional limitations can
become so severe that they inhibit CO diffusion within the
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pellet, resulting in a decrease in Cs, selectivity (2). Iglesia, et
al. (2) report a structural parameter (), dependent upon cata-
lyst pellet radius, pore size distribution, and volumetric den-
sity of surface Ru atoms, that indicates the extent of these
diffusion restrictions within a catalyst (2). For the 2.9 wt %
Ru/TiO, catalyst used in these experiments, % was 50x10"°
m™'. This value is in agreement with values determined by
Iglesia, et al. for TiO,-supported Ru catalysts (39) and lies in
the intermediate range, suggesting that transport limitations
promote re-adsorption of a-olefins but do not retard the dif-
fusion of reactants into the catalyst pellets. Indeed, catalysts
with intermediate values of'y lead to optimum Cs, selectivity.

Moreover, this re-adsorption phenomenon leads to devia-
tion from Anderson-Schulz-Flory (ASF) chain growth kinet-
ics. As a hydrocarbon chain increases in length, diffusion
through the catalyst pores becomes more difficult and the
possibility for re-adsorption increases. This effect increases
the chain growth probability for longer hydrocarbon chains
and results in curvature in the semi-log plot of the molecular
weight distribution. FIG. 5 shows such plots for the five
Fischer-Tropsch runs in Table 3, and these distributions devi-
ate from ASF kinetics, in agreement with studies by Iglesia, et
al. (2, 38,39). The olefin to paraffin ratios were relatively low,
which is consistent with the long bed-residence times (6-9 s).

To demonstrate the formation of liquid fuels from the inte-
gration of glycerol conversion with Fischer-Tropsch synthe-
sis, a two-bed catalyst system was tested using 1.0 g of 10
wt % Pt—Re (1:1)/Cand 1.7-3.0 g of 1.0 wt % Ru/TiO,, with
an 80 wt % glycerol feed at 548 K and 5 bar total pressure.
Table 4 shows the selectivities to Cs, hydrocarbons, CO,
CO,, and CH,, along with the carbon effluent rates in the gas,
aqueous-liquid, and organic-liquid phases. Based on the pro-
duction of CO from an 80 wt % glycerol feed at 548 K and 5
bar, the conversion of CO across the Ru/TiO, bed was
approximately 30% for the 1.7 g run and 40% for the 3.0 g
run, with site time yields of 1.3 and 1.1 min™', respectively.
The high selectivity to CO results from the fact that all of the
glycerol was converted over the Pt—Re/C catalyst, whereas
30-40% of the CO reacted over the Fischer-Tropsch catalyst.
Importantly, this system produced a high selectivity to Cs,
hydrocarbons compared to CH, (S5, :Sz4>1). The value of
x for the 1.0 wt % Ru/TiO, catalyst was 36x10'° m™", in
agreement with results from Iglesia et al. (39), and the hydro-
carbon molecular weight distributions showed deviation from
ASF kinetics (see the Examples and FIG. 7 for additional
data), indicating a-olefin re-adsorption effects. Importantly,
these experiments demonstrate that liquid alkanes can be
converted directly from oxygenated hydrocarbons in a two-
bed reactor system using an integrated process, absent any
treatment between the conversion to synthesis gas and the F-T
reaction. A detailed description of the carbon distributions
can be found in the Examples.

TABLE 4
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The production of synthesis gas from oxygenated hydro-
carbons such as glycerol, coupled with the conversion of the
synthesis gas to produce liquid fuels by Fischer-Tropsch syn-
thesis is a net exothermic process with a heat that is about 4%
of'the lower heating value of glycerol (37). The data presented
herein demonstrates for the first time that both of these steps
can be carried out effectively at the same conditions and in a
two-bed reactor system, allowing the coupling between oxy-
genated hydrocarbon conversion and Fischer-Tropsch syn-
thesis to be used for the production of liquid fuels from
aqueous solutions of the oxygenated hydrocarbon feedstock.

As noted earlier, glycerol can be converted to synthesis gas
at high rates and selectivities at temperatures less than about
625 K according to Equation 3.

C30;H;—3CO+4H, (3)
This glycerol can be derived from fermentation of glucose,
from hydrogenolysis of sorbitol, or as a waste product from
the transesterification of plant oils and animal fats.

In the present invention, this reaction is operated at low
temperatures to provide the opportunity to couple the endot-
hermic glycerol conversion reaction with an exothermic Fis-
cher-Tropsch synthesis to produce liquid transportation fuels
according to reaction 4:

“
7 19 37
C303Hg — = — CgH g+ — CO, + — H,O0
303Hs 75 Cstlis ¥ — 2+ ==

s

This integrated process improves the economics of “green’
Fischer-Tropsch synthesis by reducing the costs associated
with synthesis gas production. Specifically, using the present
invention reduces capital costs by eliminating the need for an
O,-blown auto-thermal reformer or a bio-mass gasifier. Also,
the present invention enables reducing the size of the Fischer-
Tropsch synthesis reactor by producing an undiluted synthe-
sis gas stream and by eliminating subsequent cleaning steps
required for synthesis gas produced from bio-mass gasifica-
tion. Thus, the present invention allows for smaller-scale
Fischer-Tropsch synthesis plants to be incorporated into a
bio-refinery plant, or to process waste glycerol at a bio-diesel
facility. And, as noted above, the low temperature of the
conversion process allows for thermal coupling with the Fis-
cher-Tropsch synthesis reaction, thereby increasing thermal
efficiency.

Further still, the coupling between these reactions pro-
duces chemical synergies related to the presence of chemical
species from both reactions in the same reactor. For example,
the intermediates produced from glycerol conversion (e.g.,
acetol) can enter the growing hydrocarbon chain on the Fis-

Results from combined glycerol conversion with Fischer-Tropsch synthesis experiments.

Reaction carried out at 548 K and 5 bar using ~0.04 cm® min™ of 80 wt % glycerol feed.

Selectivities calculated as in Table 3.

Mass G, Cougas Cous Cou
Mass Pt—Re/  Rw/TiO, (umol  (umol  aqueous liquid  organic liquid Co,etotal  C balance
C(g) (9] Scse Scan Sco Scor min™') min™')  (umolmin™')  (umol min™)  (umol min") (%)
1.0 1.7 0.14 0.08 036 0.15 883 566 139 122 827
1.1 3.0 012 010 025 0.19 978 613 221 105 939
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cher-Tropsch catalyst sites, and the inhibiting effect of CO
partial pressure on the rate of glycerol conversion can be
diminished by consuming the CO on the Fischer-Tropsch
sites.

To demonstrate how the invention can be carried out in a
single reactor vessel, using a single catalyst bed, glycerol
conversion studies were carried out using a Pt—Re/C catalyst
that was prepared by incipient wetness impregnation of car-
bon black (Vulcan XC-72) with an aqueous solution of
H,PtCI*6H,0 (Sigma-Aldrich) and HReO,, (Strem Chemi-
cals) to yield a catalyst with loadings of 5.1 wt % Pt and 4.9
wt % Re (atomic Pt:Re ratio of 1:1). The support was dried in
air for 12 h at 373 K prior to impregnation, and 1.7 g of
solution was used per gram of support. The catalyst was dried
at403 K for 12 h in air prior to activation. A 1.0 wt % Ru/TiO,
Fischer-Tropsch synthesis catalyst was prepared according to
the methods described by Iglesia, et al. (40).

Prior to reaction kinetics or gas adsorption measurements
(i.e., CO and O, chemisorption), the Pt—Re/C catalyst was
reduced at 723 K (ramp rate of 0.5 K min~") for 2 h in flowing
H, (140 cm® (NTP) min™'). The Rw/TiO, catalysts were
reduced in-situ before reaction kinetics studies and gas
adsorption measurements. The weight hourly space velocity
(WHSV) was calculated for glycerol conversion experiments
using the mass flow rate of glycerol into the reactor and the
total mass of catalyst. The irreversible CO uptake of
Pt—Re/C at 300 K was taken to be the number of catalytic
sites (150 umol g*) and was measured using a standard gas
adsorption apparatus. This number of sites corresponds to a
dispersion (molar CO:total metal ratio) of 29%. The disper-
sion (CO:Ru) of the Ru/TiO, catalyst was determined to be
0.55 by chemisorption of O, at 195 K in a static chemisorp-
tion system (41).

The apparatus used to conduct combined glycerol conver-
sion with Fischer-Tropsch synthesis experiments is shown in
FIG. 3. Fresh catalyst was loaded into a 12.7 mm (0.5 inch)
outer diameter tubular stainless steel reactor with a wall thick-
ness 0f 0.71 mm (0.028 inch). The catalyst bed was contained
between an end plug of quartz wool (Alltech) and fused SiO,
granules (—4+16 mesh; Sigma-Aldrich) which aid in vapor-
ization of the liquid feed. For experiments that combined
glycerol conversion with Fischer-Tropsch synthesis in a two-
bed, single-reactor system, a bed of 1.0 wt % Rw/TiO, was
mixed with an equal volume of crushed SiO, granules, and
this bed was loaded downstream ofa 10 wt % Pt—Re(1:1)/C
bed mixed with fused SiO, granules. For experiments that
combined glycerol conversion with Fischer-Tropsch synthe-
sis in a single-bed system, the catalyst bed was prepared by
partially mixing the Pt—Re/C with Ru/TiO,, i.e., 0.8 gof 10
wt % Pt—Re (1:1)/C was mixed with 1.7 g of 1.0 wt %
Ru/TiO, and loaded beneath 0.2 g of the Pt—Re/C catalyst.
The reactor was heated with a furnace consisting of a close-
fitting aluminum block heated externally by a well-insulated
furnace (1450 W/115 V, Applied Test Systems series 3210).
Type-K thermocouples (Omega) were attached to the outside
of the reactor to measure reactor temperature, which was
controlled with a series 16A-type temperature controller
(Dwyer Instruments). Fresh catalyst was reduced in flowing
H,, as described previously. Mass-flow controllers (5850
Brooks Instruments) were used to control the flow rate of H,.
An HPLC pump (Model 301, Alltech) was used to introduce
the aqueous feed solution into a 6-inch needle with a point
S-style tip (Hamilton) soldered into a section of 3.2 mm
(0.125 inch) outer diameter, stainless steel tubing, and this
needle was positioned upstream of the catalyst bed. The lig-
uid effluent was condensed in a gas-liquid separator and
drained periodically for gas-chromatograph (GC) analysis
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(Agilent 6890 with a flame ionization detector (FID) and
BP-Innowax column or Shimadzu GC-2010 with an FID
detector and Rtx-5 column) and total organic carbon analysis
(Shimadzu TOC-V CSH). Each effluent was tested for the
presence of glycerol and other liquid byproducts. The down-
stream system lines from the furnace were heated at 373 K in
order to prevent heavier alkanes from solidifying prior to the
separator.

The effluent gas stream passed through a back-pressure
regulator (GO Regulator, Model BP-60) which controlled the
system pressure. The effluent gas was analyzed by gas chro-
matography: H, with a Carle GC (series 8700) using a ther-
mal conductivity detector (TCD), CO and CH, using an HP
5890 GC with TCD and washed molecular sieve 5A 80/100
column (Alltech), and CO, and light alkanes (C,-C;) using an
HP 5890 GC with TCD and a Porapak QS 100/120 column
(Alltech). Gaseous alkanes (C,-C,,) were measured using a
Varian Saturn 3 GC/MS with a FID detector and a GS-Q
capillary column (J&W Scientific). All feed solutions were
prepared by mixing glycerol (99.5%, ACS reagent, Sigma-
Aldrich) with deionized water.

Thus, the present invention can be carried out in a one-
reactor, one-bed arrangement (as depicted in FIG. 3A) or a
one-reactor, multi-bed arrangement (as depicted in FIG. 3B),
or in a two-reactor arrangement (as depicted in FIG. 3C). In
each of FIGS. 3A, 3B, and 3C, the reactor 14 has an inlet 10
for introducing reactants and an outlet 12 for withdrawing
products. Within each reactor are one or more catalyst beds
16.

These experiments employed either a two-bed catalyst sys-
tem using 1.0 g of 10 wt % Pt—Re (1:1)/C followed by 1.7 g
of 1.0 wt % Ru/TiO,, or a single catalyst bed consisting of a
partial physical mixture of the two catalysts (as described
previously), with an 80 wt % glycerol feed at 548 K and total
pressures between 5 and 17 bar. Table SA shows the selec-
tivities to Cs,, CH,, and C,-C, alkanes for each of the com-
bined experiments based solely on the alkane products (i.e.,
C,-Cs,). The selectivity for production of C, alkanes by
Fischer-Tropsch synthesis typically increases at higher pres-
sures, and the results for the two-bed reactor system follow
this trend. An increase in pressure from 5 bar to 11 bar results
in an increase in the selectivity to C,, hydrocarbons from 0.46
t0 0.59; however, a further increase in pressure to 17 bar only
produces a slight decrease in S5, to 0.57. Importantly, the
selectivity to Cs, hydrocarbons is almost three times the
selectivity to CH, at 11 bar and 17 bar as compared to 5 bar.
Table 5B shows the total carbon selectivities based on the
total amount of carbon in all of the products.

At 5 bar, the primary product was CO from glycerol con-
version with only 32% of the carbon going to alkanes. How-
ever, increasing the pressure to 11 bar and 17 bar shifts the
carbon distribution toward C,-Cs, alkanes (i.e., S, nes
increases to 42% and 51% at 11 bar and 17 bar, respectively).
Also, the amount of carbon as oxygenates in the organic
liquid effluent (C,-C, ketones) increases by more than a fac-
tor of 5 with increasing pressure. The percentage of carbon in
the organic liquid products (Cs, and organic oxygenates) was
43% at 17 bar, 35% at 11 bar, and 15% at 5 bar with the
percentage of carbon in gaseous products (CO, CO,, and
C,-C,, alkanes) decreasing from 71% at 5 bar to approxi-
mately 50% at 11 and 17 bar. At 5 bar and 11 bar, 14% ofthe
carbon is contained as oxygenated species in the aqueous
effluent and at 17 bar, this value slightly decreases to 10%.
These aqueous liquid effluents contain between 5 wt % and 15
wt % methanol, ethanol, and acetone and are suitable for
further distillation.
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At 17 bar, the amount of carbon leaving the reactor as CO
decreases by more than an order of magnitude, and the selec-
tivity to alkanes increases compared to running the reactions
at 11 bar. However, the selectivity to Cs, alkanes slightly
decreases. This behavior results from both increased water-
gas shift activity (indicated by higher S.,), as well as an
increase in the rate of Fischer-Tropsch synthesis at higher
pressures. The higher Fischer-Tropsch synthesis rate causes
the temperature ofthe Ru/TiO, bed to increase resulting in the
formation of lighter alkanes (i.e., C,-C,). Therefore, the car-
bondistribution is shifted toward lighter alkane products (i.e.,
increaseinS ;... Withouta corresponding increase in S s, ).

Table 6 shows the percentage of carbon contained in each
product phase for the combined glycerol conversion with
Fischer-Tropsch synthesis experiments in Tables 5A and 5B.
It is clear that the percentage of the effluent carbon contained
in the liquid organic stream increases progressively from 15%
to 42.7% as the pressure for the two-bed catalyst system
increases from 5 to 17 bar. Importantly, the percentage of the
effluent carbon in the liquid organic stream increases to
50.7% when the PtRe/C and the Ru/TiO, catalysts are par-
tially mixed at 17 bar. These are critically important results
because the results for the mixed bed reactions show that the
present invention can be used to produce liquid fuels from
biomass at very high carbon yields.

Asnoted earlier, the conversion of glycerol to synthesis gas
is inhibited by CO. Conversely, the production of alkanes by
CO hydrogenation over Ru is positive order with respect to
CO athigh CO partial pressures (i.e., >1.5 bar). Furthermore,
as stated previously, the heat produced by the Fischer-Trop-
sch synthesis can be consumed by the glycerol conversion
reaction. Therefore, when the active sites of catalysis for the
two reactions are brought into close proximity, then the Ru
catalyst increases the activity of the Pt—Re catalyst at high
pressures by consuming the CO that is produced over Pt—Re
from glycerol. Additionally, the glycerol gasification reaction
consumes the heat produced by CO hydrogenation in the
Fischer-Tropsch reaction, thereby keeping the temperature in
the catalyst bed at conditions favorable for long chain growth
(i.e., lower temperature in the catalyst bed).

TABLES 5A AND 5B

Results from combined glycerol conversion with Fischer-Tropsch
synthesis experiments. A.) Selectivities to Cs,, CH,, and C,-C, in
alkane products. Selectivities calculated as, S o,z = 0F 6u/Frosars
where n is the number of carbons in the alkane product C,H,, F .,z is
the molar flow rate of product C H,, and F,,,,; is the total molar flow
rate of carbon in alkane products. B.) Total carbon selectivities.
Selectivities calculated as S; = F/F,,,,; x 100, where F; is the
total flow rate of carbon in product i and F,_,,; is the total flow rate of
carbon in all of the products. Reactions carried out at 548 K using ~0.04
em? min~! of 80 wt % glycerol feed (WHSV of glycerol ~ 0.86 h™!).

S5A
P, (bar) Scse Scra Scaca
5 0.46 0.28 0.26
11 0.59 0.22 0.19
17 0.57 0.20 0.23
174 0.64 0.15 0.21
5B
S dtkanes Scon Sco Sorg—o)nyb Sagu-oxy
P, (bar) (%) (%) (%) (%) (%)
5 31.6 15.1 37.0 2.5 13.8
11 41.6 15.5 164 12.7 13.8
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TABLES 5A AND 5B-continued

Results from combined glycerol conversion with Fischer-Tropsch
synthesis experiments. A.) Selectivities to Cs,, CH,, and C,-C, in
alkane products. Selectivities calculated as, S o,z = 0F 6u/Frosars
where n is the number of carbons in the alkane product C,H,, F ¢,z Is
the molar flow rate of product C H,, and F,,,,; is the total molar flow
rate of carbon in alkane products. B.) Total carbon selectivities.
Selectivities calculated as S; = F/F,,,,; x 100, where F, is the
total flow rate of carbon in product i and F,,,,; is the total flow rate of
carbon in all of the products. Reactions carried out at 548 K using ~0.04
cm® min~! of 80 wt % glycerol feed (WHSV of glycerol ~ 0.86 h™!).

17 51.2 21.5 1.2 15.7 10.4
17¢ 55.3 19.7 0.7 17.5 6.7
“Partially mixed bed.
bOxygenated species in the organic phase.
“Oxygenated species in the aqueous phase.
TABLE 6

Percentage of carbon contained in each product phase for the
combined glycerol conversion with Fischer-Tropsch synthesis
experiments in Tables SA and 5B.

Organic Aqueous

P, (bar) Gaseous® Liquid® Liquid®
5 71.0 15.3 13.8
11 51.2 35.0 13.8
17 46.9 42.7 10.4
174 425 50.7 6.7

4CO, CO,, and C-Cg alkanes.

bC;-C7 ketones.

“Methanol, ethanol, acetone, and n-propanol.
dPartially mixed bed.

The data in Table 5A, 5B, and 6, show that the mixed bed
configuration (using a homogeneous catalyst or a mixed cata-
lyst) is superior in liquid alkane yield to the configuration
comprised of segregated beds (although both configurations
are encompassed by the present claims). Mixing the beds
increases the selectivity to alkanes by more than 10% while
consuming most of the CO produced from glycerol. High
conversion of CO resulted in a decrease in Cs, selectivity for
the segregated bed system; however, the experiment using the
mixed bed produced alkane products with a higher S,
(0.64) compared to the combined experiments. Also, the
amount of carbon in the organic liquid products increases
from 35% for the two-bed system at 11 bar to 50% for the
mixed bed at 17 bar. The amount of carbon in the gaseous
products decreases from 50% to 43%, while the amount of
carbon in the aqueous phase decreases by a factor of 2 (14%
to 7%).

The C,, selectivity, selectivity to C;-C, ketones in the
organic liquid, and the conversion of CO for combined glyc-
erol conversion with Fischer-Tropsch synthesis at 11 bar and
17 bar are all higher than those at 5 bar, despite the fact that the
activity of the Pt—Re/C catalyst is decreased at these elevated
pressures. These results indicate that the more favorable Fis-
cher-Tropsch conditions (i.e., higher pressure) are more
essential to the integrated process than the synthesis gas pro-
duction rate. Furthermore, the Ru/TiO, catalyst is exposed to
increasing amounts of oxygenated hydrocarbon by-products
at 11 bar and 17 bar. However, the selectivity to oxygenates in
the aqueous liquid effluent at these pressures is similar to, or
less than, that of the aqueous effluent at 5 bar. This result
indicates that the oxygenated hydrocarbon by-products from
glycerol react over the Ru/TiO, bed, most likely by entering
into Fischer-Tropsch chain growth. Because the aqueous
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product distribution contains a wide array of oxygenated
species, it is likely that other by-products (e.g., polyols, sec-
ondary alcohols, and hydroxyl-ketones) have a similar syn-
ergistic effect on Fischer-Tropsch synthesis. Importantly,
these experiments demonstrate that liquid alkanes can be
produced directly from glycerol using an integrated process.

Glycerol conversion and Fischer-Tropsch synthesis can be
carried out effectively (and perhaps synergistically) at the
same conditions either in a two-bed reactor system consisting
of separate glycerol conversion and Fischer-Tropsch synthe-
sis catalysts or in a single, mixed bed system, allowing the
coupling between glycerol conversion and Fischer-Tropsch
synthesis to be used for the production of liquid fuels from
aqueous-glycerol solutions. Both approaches are encom-
passed by the present invention. This “green” process repre-
sents an energy efficient alternative to producing liquid trans-
portation fuels from petroleum. Furthermore, it presents the
opportunity for improving the economic viability of “green”
Fischer-Tropsch synthesis via reducing costs associated with
synthesis gas production and by improving the thermal effi-
ciency of Fischer-Tropsch processes.

In particular, the low temperature of our glycerol conver-
sion process allows for thermal coupling with the Fischer-
Tropsch synthesis reaction, thereby increasing thermal effi-
ciency. Furthermore, the coupling between these processes
produces chemical synergies related to the presence in the
same reactor of chemical species from both reactions, e.g.,
the intermediates produced from glycerol conversion can
enter the growing hydrocarbon chain on the Fischer-Tropsch
catalyst sites, and the inhibiting effect of CO partial pressure
on the rate of glycerol conversion can be diminished by con-
suming the CO on the Fischer-Tropsch sites.

Note that the preferred catalysts for use in the invention are
noted above and in the Examples. The catalysts that can be
used in the present invention comprise primary metals
selected from the group consisting of Ru, Co, Fe (FeC, Fe,O;,
Fe;O,), Ni, Rh, Pt, Pd, Ir, and combinations thereof. Also
included as catalysts that can be used in the invention are
oxides of any of the listed metals, any bimetallic combination
of the above metals or their oxides, as well as unsupported
powders of the above metals.

Where the catalysts are on a support, carbon is generally
preferred. Other catalyst supports can also be used in the
present invention, such as zeolites, polymeric supports, etc.
Catalyst supports that can be used in the present invention
include, without limitation, TiO, (preferably 25%-100% ana-
tase), Si0,, ALL,O;, MgO, ZrO,, Zr, 11, O,, ThO,, Kieselguhr,
La,0s, MgCr,0,, Ti,81,0,, Ti,Zr,0,, ZnO, Cr,0;, MnO,
Nb,O;, CeO,, Y-zeolite, USY-zeolite, ZSM-5 zeolite, MCM-
41 zeolite, MCM-22 zeolite, HZSM-5 zeolite, H-BEA zeo-
lite, HY-zeolite, Fe-substituted LTL zeolite, ITQ-6, delami-
nated zeolite, ITQ-2 delaminated zeolite, HMS molecular
sieves, montmorillonite, macroporous styrene-divinylben-
zene, 4-vinylpridine-divinylbenzene, anthracene, carbon-
ized-quinoline, and combinations therefore (including mixed
oxides, aerogels, and mesoporous forms of the above-noted
oxides).

Promoters that can be used in the present invention include,
without limitation (with preferred promoters of each specific
element in parenthesis), Cu (CuO), K (K,CO;, K,0), Mn
(MnO), La (La,0;), Ru, Re, Zn (ZnO), Si, Ag, Pt, Ce (CeO,),
Gd,0;, ThO,, MnO, ZrO,, Pd, Ti, Co, Cr, V, Li, Na, Rb, Cs,
Mo, Au, B, Cl, and combinations thereof.

The reactions can be carried out over a rather large range of
conditions. However, the critical process conditions gener-
ally fall within the following ranges:
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Temperature: =about 750 K, with about 473 K to 625 K
most preferred.

Total pressure range: 1-30 bar.

H,/CO syngas ratio: 1-10.

Syngas co-feeds include (without limitation): water, ole-
fins, alcohols, other oxygenated hydrocarbon molecules, and
paratfins.

EXAMPLES

The following Examples are included solely to provide a
more complete disclosure of the invention described and
claimed herein. The Examples are non-limiting.

Example 1
Catalyst Preparation and Characterization

Supported Pt catalysts were prepared by incipient wetness
impregnation of Al,O; (Catapal B-brand, from Sasol, Johan-
nesburg, South Africa and Houston, Tex.), CeO,/ZrO,, MgO/
Zr0,, and ZrO, using chloroplatinic acid hexahydrate (Strem
Chemicals, Newburyport, Mass.) for ZrO, and CeO,/ZrO,,
and using tetraamine platinum (II) nitrate (Strem Chemicals)
for Al,O; and MgO/ZrO,. Following impregnation, the
Pt/ZrO, and Pt/CeQ,/ZrO, catalysts were dried in airat 393 K
for 15 h and calcined at 773 K for 4 h in a muffle furnace.
During calcination, the temperature was increased from room
temperature to 373 K and held for 1 hour, then increased by
increments of 100 K to 773 K, holding at each increment for
1 hour. The MgO/ZrO,-and Al,O;-supported Pt catalysts
were dried in air for 15 hours at 393 K and then calcined in
flowing O,/He gas mixtures (20% for Pt/MgO/ZrO, and 10%
for Pt Al,O,, using a flow rate of 300 cm® (NTP) per minute)
to 533 K (at 1.3 K per minute) for Pt/Al,O, and 723 K (at 3.6
K per minute) for Pt/MgO/ZrO, and held at these tempera-
tures for 2 hours. The carbon-supported Pt catalyst and Pt:Ru
(atomic ratio of 1:1) alloy catalyst were purchased from
E-TEK (adivision of PEMEAS Fuel Cell Technologies, Som-
erset, N.J.). The carbon-supported Pt:Re catalyst (atomic
ratio of 1:1) was prepared via incipient wetness impregnation
of Pt/C (ETEK) using perrhenic acid (Strem Chemicals,
Newburyport, Mass.). Prior to reaction kinetics or gas adsorp-
tion measurements (i.e., CO chemisorption, Brunauer-Em-
mett-Teller [“BET”] surface area), each catalyst was reduced
in flowing H, (180 cm® (NTP) per minute) at temperatures of
533 K (ALL,O5, MgO/ZrO,, and carbon-supported catalysts;
ramped at 0.5 K per minute and held for 2 hours) or 773 K
(Ce0,/Zr0,-and ZrO,-supported catalysts; ramped at 0.5 K
per minute and held for 1 hour). The Pt:Ru/C catalyst was
reduced in flowing H, (140 cm® (NTP) per minute) at the
reaction temperature (548 K or 573 K; ramped at 0.5 K per
minute), while Pt:Re/C was reduced at 723 K (ramp rate of
0.5 K per minute) for 2 hour in flowing H, (140 cm® (NTP) per
minute). Table 7 shows the characteristics of each catalyst.
The irreversible CO uptakes and BET surface areas were
measured on a standard gas adsorption apparatus described
elsewhere (28).

The preparation of ZrO, and CeZrO, supports is described
in detail elsewhere (29). Briefly, these oxide supports were
prepared by co-precipitation, starting from an aqueous solu-
tion containing 0.12 M of both zirconyl nitrate (Sigma-Ald-
rich, Milwaukee, Wis.) and cerium ammonium nitrate
(Sigma-Aldrich) and using an excess (Me*:0OH =8) of
ammonium hydroxide (28-30 wt % NH,, Sigma-Aldrich) as
the precipitation agent. The precipitates were washed in de-
ionized (DI) water and calcined at 773 K in air in a muffle



US 7,872,054 B2

23

furnace. A similar procedure for preparation of MgO/ZrO, is
described elsewhere (30). The MgO/ZrO, support was pre-
pared using an aqueous solution containing 0.2 M of magne-
sium nitrate (Sigma-Aldrich) and 0.02 M of zirconyl nitrate
(Sigma-Aldrich). The solution was stirred at room tempera-
ture while NaOH solution (25 wt %) was added until a pH of
10 was reached and the corresponding gel was formed. The
gel was aged for 72 hours and vacuum filtered. The precipitate
formed was washed with DI water until the Na concentration
in the filtrate was below 10 ppm as measured by inductively-
coupled plasma (ICP) analysis. The sample was then dried in
air at 393 K for 16-24 h. The MgO/ZrO, support was calcined
in flowing O, (100 cm® (NTP) per minute) to 873 K (3.2 K per
minute) and then held at this temperature for 3 hours.

Table 7 presents the properties of the various supported
metal catalysts:

TABLE 7
Properties of supported metal catalysts.
Irreversible BET
CcO Surface  CO/Metal
Wt % Uptake Area Atomic

Catalyst Pte (umolg™)  (m?g™) Ratio
P/ALLO; 3.0 92 218 0.60
Pt/MgO/Z10, 1.5 22 182 0.29
PUZrO, 1.0 26 112 0.51
Pt/Ce0,/Zr0O, 1.0 5.5 73.7 0.11
Pt/C-Vulcan XC-72 5.0 110 — 0.42
Pt:Ru/C-Vulcan XC-72 5.0 120 — 0.23
Pt:Re/C-Vulcan XC-72 5.0 110 — 0.20
“Nominal loading

Example 2

Reaction Kinetics Measurements

FIG. 3 shows a schematic of the apparatus used to conduct
reaction kinetics measurements. A shown in the figure, the
apparatus comprises a tubular reactor disposed within a fur-
nace. Fused silica granules and quartz wool are used to hold
one or more catalyst beds within the reactor. The effluent from
the tubular reactor is passed through a cooling column, and
the product gases are separated from the product liquids. Both
the product gases and liquids are then removed from the
apparatus shown in FIG. 3 for further analysis. More specifi-
cally, fresh catalyst was loaded into a 0.25-inch outer diam-
eter tubular stainless steel reactor. For experiments at low
temperature conditions (i.e., 548 and 573 K over Pt:Ru/C and
Pt:Re/C), a 0.5-inch outer diameter tubular stainless steel
reactor was used. For both tubular reactor types, the catalyst
bed was contained between an end plug of quartz wool (Al-
Itech, Nicholasville, Ky.) and fused SiO, granules (-4+16
mesh; Sigma-Aldrich) which aid in vaporization of the liquid
feed. The Pt/C, Pt:Ru/C, and Pt:Re/C catalyst powders were
mixed with equal volumes of crushed SiO, granules before
loading in the reactor to reduce the pressure drop across the
catalyst bed. Type-K thermocouples (Omega Engineering,
Stamford, Conn.) were attached to the outside of the reactor to
measure reactor temperature, which was controlled with a
series 16A type temperature controller (Dwyer Instruments,
Michigan City, Ind.). The fresh catalyst was reduced in flow-
ing H, as outlined above. Mass-flow meters (Model 5850,
Brooks Instrument, a division of Emerson Process Manage-
ment, Hatfield, Pa.) were used to control the flow rate of H,.
An HPLC pump (Model 301, Alltech) was used to introduce
the aqueous feed solution into the liquid injection unit above

5

20

25

30

35

40

45

50

55

60

65

24

the reactor. The unit is comprised of a 6-inch needle with a
point 5 style tip (Hamilton Company, Reno, Nev.) soldered
into a section of 0.125-inch stainless steel tubing. The needle
extends into the reactor just above the fused SiO, granules.
The effluent from the reactor was water-cooled in a double-
pipe heat exchanger. The effluent liquid was drained periodi-
cally for GC analysis (Agilent Model 6890 with an flame
ionization detector (“FID”’) and HP-Innowax column or Shi-
madzu GC-20 10 with an FID detector and DB 5 column) and
total organic carbon analysis (Shimadzu TOC-V CSH). Each
effluent was tested for the presence of glycerol and other
liquid byproducts.

The effluent gas stream passed through a back-pressure
regulator (GO Regulator, [Spartanburg, S.C.], Model BP-60)
which controlled the system pressure. The effluent gas was
analyzed with three different gas chromatographs: (1) H, was
analyzed with a Carle GC (series 8700) using a thermal con-
ductivity detector (“TCD”); (2) CO. CH,, and C,-hydrocar-
bons were analyzed using an HP-5890 GC with a TCD and
washed molecular sieve 5A 80/100 column (Alltech); and (3)
CO, was analyzed using a Shimadzu GC-8A with TCD and a
Haysep DB 100/120 column (Alltech).

All feed solutions were prepared by mixing glycerol
(99.5%, ACS reagent grade, Sigma-Aldrich) with DI water.

Example 3

Variation of H,:CO Ratio Using a Two-bed Catalytic
System

A catalytic system to produce synthesis gas with varying
H,:CO ratios was fashioned using two catalyst beds, the first
of which was a Pt/C bed to achieve 100% conversion of
glycerol to produce a H,/CO gas mixture, followed by a
second catalyst that was effective for water-gas shift, such as
1.0% Pt/CeQ,/ZrO, containing redox sites to promote water-
gas shift (31, 32). As shown in FIGS. 4A and 4B, this two-bed
catalyst system achieved 100% conversion of glycerol, and
the H,:CO and CO:CO, ratios remained stable for at least 48
hours time-on-stream. The values of 1.33 and 14 for the
H,:CO and CO:CO, ratios, respectively, for the Pt/C catalyst
indicate a negligible contribution from the water-gas shift
reaction; however, the significant increase in the H,:CO ratio
and the corresponding decrease in the CO:CO, ratio for the
two-bed catalyst system indicate that the Pt/CeO,/ZrO, cata-
lyst has achieved effective water-gas shift conversion.

Example 4

Combined Gasification and Fischer-Tropsch in a
Single Reactor

A carbon supported platinum rhenium catalyst was pre-
pared to contain 5 wt % platinum and an atomic ratio of Pt/Re
of'1:2.5. This catalyst was prepared via the incipient wetting
of an aqueous solution of dihydrogenhexachloroplatinate
(IV) hexahydrate (39.85% Pt) (Alfa Aesar, a wholly-owned
subsidiary of Johnson Matthey Company, Ward Hill, Mass.)
and perrhenic acid on a hydrogen peroxide functionalized UU
60x120 mesh carbon and dried at 100° C. under vacuum.

An amount (9.64 grams) of this catalyst was loaded ina %2
inch stainless steel reactor and reduced in flowing hydrogen
before reaction. The stainless steel reactor was heated using
an aluminum block heater to maintain isothermal conditions.

A 70 wt % glycerol-in-water solution was fed over the
catalystat 260° C. and 600 psigata WHSV of2.4 based on the
glycerol (2.4 grams of glycerol per gram of catalyst per hour).
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At these reaction conditions the feed remained in the con-
densed form over the catalyst bed.

Under the stated reaction conditions, 100% of the glycerol
was converted. Ninety-three percent (93%) of the carbon was
collected in gas-phase products. One percent (1%) of the
carbon was collected as an organic layer that was analyzed via
GCMS. Analysis of this organic layer showed the presence of
C, through C,, hydrocarbons. See Table 7.

While the yields are low, this Example clearly demon-
strates that the reaction yields long-chain hydrocarbons. The
presence of these long chain hydrocarbons indicates that a
Fischer-Tropsch reaction is occurring within the single reac-
tor system.

TABLE 8

Yield of Long-Chain Hydrocarbons.

Wt % of Carbon

Compound in Organic Phase
NONANE 1.1506
DECANE 0.6107
UNDECANE 0.5268
DODECANE 0.3329
PENTADECANE 0.2194
HEXADECANE 0.1499
HEPTADECANE 0.5248
OCTADECANE 0.1241
EICOSANE 0.0555

Example 5
Catalyst Preparation and Characterization

The Pt—Re/C catalyst was prepared by incipient wetness
impregnation of carbon black (Vulcan XC-72) with an aque-
ous solution of H,PtCl,*6H,0 (Sigma-Aldrich) and HReO,
(Strem Chemicals) to yield a catalyst with nominal loadings
of 5.1 wt % Pt and 4.9 wt % Re (atomic ratio of 1:1). The
support was dried in air for 12 h at 373 K prior to impregna-
tion, and 1.7 g of solution was used for every gram of support.
The catalyst was dried at 403 K for 12 h in air, prior to
activation. The Ru/TiO, catalysts (1.0 wt % and 2.9 wt %)
were prepared according to the method used by Iglesia, et al.
(40).

Prior to reaction kinetics or gas adsorption measurements
(i.e., CO and O, hemisorption), the Pt—Re/C catalyst was
reduced at 723 K (ramp rate of 0.5 K min~") for 2 h in flowing
H, (140 cm® (NTP) min~!). The RwTiO, catalysts were
reduced in-situ before reaction kinetics studies and gas
adsorption measurements. The irreversible CO uptake of
Pt—Re/C at 300 K was taken to be the number of catalytic
sites (150 umol g*) and was measured using a standard gas
adsorption apparatus described in the literature (28). The
dispersions of the Ru/TiO, catalysts were determined by
chemisorption of O, at 195 K in a static chemisorption system
(41), and 7 values of 36x10"° m~" and 50x10'® m™* for 1.0
wt % Ru/TiO, and 2.9 wt % Ru/TiO,, respectively, were
calculated. Table 9 shows the properties of the Ru/TiO, cata-
lysts, and these results are in agreement with similar catalysts
studied by Iglesia, et al. (39).

Example 6
Reaction Kinetics Measurements

The apparatus used to conduct reaction kinetics measure-
ments for Pt—Re/C is described elsewhere (37). Fresh cata-
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lyst was loaded into a Y2-inch outer diameter tubular stainless
steel reactor. The catalyst bed was contained between an end
plug of quartz wool (Alltech) and fused SiO, granules (—4+16
mesh; Sigma-Aldrich) which aid in vaporization of the liquid
feed. The Pt—Re/C catalyst powder was mixed with equal
volumes of crushed SiO, granules to decrease the pressure
drop across the catalyst bed. For combined glycerol conver-
sion with Fischer-Tropsch synthesis experiments, a bed of 1.0
wt % Ruw/TiO, was loaded downstream of the Pt—Re/C bed.
Type-K thermocouples (Omega) were attached to the outside
of the reactor to measure reactor temperature, which was
controlled with a series 16 A type temperature controller (Dw-
yer Instruments). Fresh catalyst was reduced in flowing H,, as
described in the previous section. Mass-flow controllers
(5850 Brooks Instruments) were used to control the flow rate
of H,. An HPLC pump (Model 301, Alltech) was used to
introduce the aqueous feed solution into a 6-inch needle with
a point 5 style tip (Hamilton) soldered into a section of V4-
inch stainless steel tubing. This needle introduces liquid feed
solutions into the reactor. The liquid effluent from the reactor
was water-cooled in a double-pipe heat exchanger and was
drained periodically for gas chromatography (GC) analysis
(Agilent 6890 with a flame ionization detector (FID) and
HP-Innowax column or Shimadzu GC-2010 with an FID
detector and Rtx-5 column) and total organic carbon analysis
(Shimadzu TOC-V CSH). Each effluent was tested for the
presence of glycerol and other liquid byproducts.

The effluent gas stream passed through a back-pressure
regulator (GO Regulator, Model BP-60) which controlled the
system pressure. The effluent gas was analyzed with gas
chromatography: H, with a Carle GC (series 8700) using a
thermal conductivity detector (TCD), CO and CH,, using an
HP 5890 GC with TCD and washed molecular sieve SA
80/100 column (Alltech), and CO, and light alkanes (C,-C;)
using an HP 5890 GC with TCD and a Porapak QS 100/120
column (Alltech). All feed solutions were prepared by mixing
glycerol (99.5%, ACS reagent, Sigma-Aldrich) with deion-
ized water. The apparatus used to conduct Fischer-Tropsch
synthesis experiments is similar to that used for reaction
kinetics measurements of Pt—Re/C, except the outlet lines
from the reactor were heated at 373 K. The 2.9 wt % Ru/TiO,
catalyst was mixed with an equal volume of crushed SiO,
granules to help dissipate the heat generated by the exother-
mic Fischer-Tropsch reaction and loaded into a %2-inch outer
diameter, stainless steel tubular reactor. The liquid phase
products were collected in a gas-liquid separator and ana-
lyzed by GC (Shimadzu GC-2010 with an FID detector and
Rtx-5 column). The effluent gas stream was analyzed for
C,-C,, hydrocarbons with a Varian GC-MS (Saturn 3) using
an FID detector and GS-Q capillary column. CO and CO,
were analyzed with an HP 5890 GC with TCD and a Porapak
QS 100/120 column (Alltech). Ultra-high purity CO and H,
(Linde) were used, and aqueous solutions of acetone, acetol,
and ethanol were introduced into the reactor in a similar way
as the above glycerol solutions.

Example 7
Carbon Distributions

(a) Conversion of Glycerol Over Pt—Re/C:

FIG. 6 shows the conversion to gas-phase products and the
CO/CO, and H,/CO molar ratios, and Table 10 shows the
outlet carbon distribution for conversion ofa 30 wt % glycerol
solution over 520 mg of 10 wt % Pt—Re/C (atomic ratio 1:1).
The total inlet flow rate of carbon (as glycerol) for this experi-
ment was 833 umol min~* (feed flow rate of 0.08 cm> min™),
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and the total conversion of glycerol was 91% (58% to gas
phase products and 33% to liquid phase products).

Tables 11-13 show the outlet carbon distributions and car-
bon balances for conversion of 50 and 80 wt % glycerol
solutions over 1.0 g of 10 wt % Pt—Re/C (atomic ratio 1:1) at
548 K and total pressures between 1-11 bar. The inlet liquid
flow rate was 0.04 cm® min~' for the 50 wt % solution and
0.03 cm® min~" for the 80 wt % solution. The total conversion
of glycerol was 100% for each condition.

28

(c) Combined Glycerol Conversion and Fischer-Tropsch
Synthesis:

Tables 16-18 give the carbon product distribution for con-
version of an 80 wt % glycerol solution via conversion to
synthesis gas with subsequent Fischer-Tropsch synthesis in a
two-bed reactor at 548 K and 5 bar. FIG. 7 shows the molecu-
lar weight distribution for these experiments. This distribu-
tion deviates from Anderson-Schulz-Flory kinetics. A glyc-

(b) Fischer-Tropsch Synthesis Over Ru/TiO, 10 I ;

Tables 14 and 15 show the carbon distributions and carbon erol feg:d flow rate of ~0.04 cm” min™" was use;i with l..O gof
balances for Fischer-Tropsch synthesis of 150 cm® min™* of 10 wt % Pt—Re (1:1)/C and 1.7-3.0 g 1.0 wt % Ru/TiO,.
an H,/CO mixture with H,:CO=2 along with co-feeds of
water and aqueous solutions of oxygenated molecules at 548 The sum of the species in the carbon distribution tables
Kover4 gof2.9 wt% Ru/TiO,. Conversion of acetol co-feed 15 (Tables 10-12, 14, and 16-18) may differ slightly from the
to products was 100%, whereas less than 20% of ethanol total C,,, values in the carbon balance tables (Tables 13 and
formed products and less than 10% of acetone formed prod- 15). This difference results from the omission of minor prod-
ucts. uct species from the carbon distribution tables.

TABLE 9
Properties of Fischer-Tropsch Catalysts.
BET

Ru surface Ru site Average Average pore
loading  area Dispersion density  pellet radius radius®
(wt%) (m?g™) (O:Ruratio) (10'°m™2)  (10™#m) (1071°m) % (109 m~1)?

1.0 18 0.55 180 0.63 201 40

2.9 30 0.36 208 0.63 165 50

“Estimated from BET surface area measurement and values for similar catalysts studied by Iglesia, et al. (39)

®Calculated as in reference (39).

TABLE 10

Carbon distribution for conversion of glycerol to
synthesis gas over Pt—Re/C at 548 K and 8 bar.

Reaction carried out using 0.08 cm? min™! of 30 wt % glycerol feed solution.

Liquid phase carbon distribution (carbon flow rate in pmol min™)

Acetic Ethylene
Methanol Ethanol Acetone n-Propanol Acid  Acetol Glycol Glycerol
26 28 11 4.2 8.0 119 80 75
Gas phase carbon distribution
(carbon flow rate in umol min™!)
CcO CH, CO, Ethane Propane
380 23 63 8.9 49
TABLE 11
Liquid phase carbon distribution for conversion of 50 and 80 wt % aqueous-glycerol
solutions to synthesis gas over Pt—Re/C at 548 K and various pressures.
Feed Liquid phase carbon distribution (carbon flow rate in pmol min~!)
Concentration Pressure Acetic Ethylene
(Wt %) (bar)  Methanol FEthanol Acetone n-Propanol Acid  Acetol Glycol  Propanediols
80 1 11 33 14 — 8.8 0.87 0.75 0.83
50 1 13 3.4 1.8 — — — — —
80 5 20 51 12 — 17 49 18 43
50 5 19 28 8.8 — 10 3.8 7.2 —
80 11 14 67 18 15 13 85 19 92
50 11 11 45 16 8.6 6.6 58 13 53
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TABLE 12

Gas phase carbon distribution for conversion of 50 and 80 wt %
aqueous-glycerol solutions to synthesis gas over Pt—Re/C

at 548 K and various pressures. 5
Feed Gas phase carbon distribution
Concentration Pressure (carbon flow rate in pmol min—1)
(Wt %) (bar) CO CH, CO, FEthane Propane
10
30 1 724 39 27 21 4.8
50 1 613 27 57 9.3 2.5
30 5 413 41 33 19 8.2
50 5 427 35 55 12 3.9
30 11 280 46 59 22 9.4
50 11 215 42 79 19 13 15
TABLE 13

Carbon balance for conversion of 50 and 80 wt % aqueous-glycerol

solutions to synthesis gas over Pt—Re/C at 548 K and various pressures.

Feed Concentration Pressure  Total C,, Total C,,, gas  Total C_,, liquid®
(Wt %) (bar)  (umol min™)  (umol min~!) (umol min~1) C balance (%)
80 1 946 816 52 8
50 1 737 708 23 0.8
80 5 914 515 431 4
50 5 700 533 128 6
80 11 946 417 552 2
50 11 663 368 352 9

“Determined via total organic carbon analysis of liquid effluent.

TABLE 14

30

Carbon distribution for Fischer-Tropsch experiments. Total pressure of 5 bar for dry synthesis gas run

(P =1.7 and P;, = 3.3) and total pressure of 8.1 bar for co-feed experiments.

Carbon distribution (carbon flow rate in pmol min~!)

Oxygenated C,-Cy
Feed Molecule CO CO, CH; C,C, Cs5C;5 Ci4Csy Acetone Ethanol Methanol n-Propanol Ketones
— 955 100 400 303 257 3 — — — — —
Water® 917 274 386 275 223 55 — — — — —
Acetol/Water” 1411 57 193 135 382 105 269 5 6 1.5 116
Ethanol/Water® 1482 83 297 174 222 64 — 456° 3 —
Acetone/Water 1622 79 260 146 174 60 719" 14 — — 4
“Pco = 1.7 bar, Py = 3.5 bar, Pz = 2.9 bar.
bPCO = 1.8 bar, Pz = 3.5 bar, Py = 2.6 bar, Ppppy = 0.2 bar.
cPro =1.9 bar, Py =2.2 bar, Py = 2.2 bar, P = 0.3 bar.
dPCO = 1.9 bar, Pz = 3.8 bar, Pz = 2.1 bar, Pyppone = 0.3 bar.
“Unconverted ethanol co-feed.
fUnconverted acetone co-feed.

TABLE 15

Carbon balance for Fischer-Tropsch experiments
(same conditions as in Table 14).
Total C,,, Total C,,,
Total C;, liquid liquid organic  Total C,,,

Oxygenated (CJmol  aqueous phase phase (Cmol  gas ((Jmol C
Feed Molecule min~})  (Omol min™?) min~!) min~})?  balance (%)
— 2024 — 183 1908 3
Water 2024 — 145 1983 5
Acetol/Water 2670 193 522 1964 0.3



US 7,872,054 B2

TABLE 15-continued
Carbon balance for Fischer-Tropsch experiments
(same conditions as in Table 14).
Total C,,, Total C,,,
Total C;, liquid liquid organic  Total C,,,
Oxygenated (CJmol  aqueous phase phase (Cmol  gas ((Jmol C
Feed Molecule min™!)  (Cmol min™) min~!) min~!*  balance (%)
Ethanol/Water 2801  436° 178 2168 0.7
Acetone/Water 2967  501° 146 2433 4
“Includes unconverted CO.
*Unconverted ethanol.
“Unconverted acetone.
TABLE 16
Carbon distribution in the gas phase for combined glycerol conversion with
Fischer-Tropsch synthesis. Reaction carried out using 0.04
cm® min~! of 80 wt % glycerol feed.
Mass Gas phase carbon distribution
Mass Rw/TiO, (carbon flowrate in umol min~")
Pt—Re/C (g) (g) CO CH, CO, C C; C4 C5 Cs C; Cg Gy
1.0 1.7 296 70 120 32 26 82 58 59 23 0.8 02
1.1 3.0 235 93 175 40 34 14 9.0 82 3.0 1.0 02
TABLE 17
Carbon distribution in the aqueous liquid phase for combined glycerol conversion
with Fischer-Tropsch synthesis. Reaction conditions as in Table 16.
Aqueous liquid phase carbon distribution
Mass Mass (carbon flow rate in pmol min~")
Pt—Re/C  RwWTIO, i-Propyl Propyl 1,2-
(g) (g) Methanol Ethanol Acetone i-Propanol n-Propanol ether  2-Butanol ether  Propanediol
1.0 1.7 7.3 22 24 1.1 7.6 9.5 1.3 19 11
1.1 3.0 13 37 50 2.3 13 23 2.3 21 8.0
TABLE 18
Carbon distribution in the organic liquid phase for combined glycerol conversion
with Fischer-Tropsch synthesis. Reaction conditions as in Table 16.
Mass Organic liquid phase carbon distribution
Mass RwWTIO, (carbon flow rate in mol min~!)
Pt—Re/C (g) (® Cs C7 G Co Cio Cu Cp Gz Cu Cis Ciao
1.0 1.7 81 14 11 10 11 12 7.0 54 57 34 14
1.1 3.0 12 11 7.1 54 10 88 53 45 20 1.7 19
Example 8 55 performed. The carbon mixture was dried at 100° C. under

Conversion of Glucose to Hydrocarbons

A 5wt % ruthenium catalyst supported on activated carbon
was prepared according to the general method of Example 1.
An aqueous solution, 38 ml, containing 0.98 g of ruthenium
(II1) nitrosylnitrate (Alfa Aesar, 1.5% Ru) was added to 47.52
g activated carbon (Calgon OLC-AW, sieved to 18-40 mesh).
The mixture was dried at 100° C. under vacuum. Three addi-
tional applications using 38 ml of this solution, then a last
application, using 14 ml ofthis solution diluted to 38 ml, were

60
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vacuum between each application.

A bimetallic catalyst system containing platinum and rhe-
nium (5 wt % platinum with a molar ratio of Pt:Re of 1:2.5)
supported on activated carbon (Calgon OLC-AW, sieved to
18-40 mesh) was prepared using incipient wetness techniques
as described in Example 1. Activated carbon was added
slowly to a 30% hydrogen peroxide solution. After addition of
the carbon was completed, the mixture was left overnight.
The aqueous phase was decanted and the carbon was washed
three times with deionized water, then dried under vacuum at
100° C. An aqueous solution, with a volume equal to incipient
wetness volume for the carbon to be impregnated and con-
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taining dihydrogen hexachloroplatinate (IV) hexahydrate
(Alfa Aesar, 39.85% Pt) and perrhenic acid solution (Alfa
Aesar, 76.41% HReO,) was applied drop-wise, while stir-
ring, to hydrogen peroxide-functionalized carbon. The wet-
ted carbon was dried at 100° C. under vacuum.

A 0.334 inch ID reactor tube was loaded with Pt/Re and Ru
catalysts; 10.28 grams of the Pt/Re catalyst was loaded into
the bottom of the reactor and 2.28 grams of the Ru catalyst
was loaded into the top of the reactor (using a test reactor as
shown in FIG. 3). The stainless steel tube reactor was placed
within a furnace that contains three electrically heated zones.
The temperature of each electrically heated zone was con-
trolled with separate PID controller that measures the skin
temperature of the reactor section in the heated zone and
controls the electrical output to the heater associated with
each heated zone. The glucose feed solution was continu-
ously fed into the reactor using an HPLC pump (designated
“liquid feed” in FIG. 3). The material exiting the reactor was
cooled by passing it through a water-jacketed heat exchanger,
and was then passed to a phase separator to separate the liquid
products from the gaseous products.

As shown at the bottom of FIG. 3, gases exit the phase
separator via a manifold which was maintained at constant
pressure by a pressure control subsystem (not shown in FIG.
3). The quantity of gas exiting the phase separator was mea-
sured by a mass flow meter. The composition of the exiting
gas was monitored by gas chromatography.

The liquid level in the phase separator was maintained at a
constant level by a level control subsystem (not shown). The
aqueous solution that drained from the phase separator during
a catalyst evaluation experiment was collected and the quan-
tity collected was measured gravimetrically. Various analyses
of'the solution-phase products were performed, including pH
and total organic carbon concentration. Gas chromatography
was performed to determine the concentrations of unreacted
substrate and to identify specific intermediates and side prod-
ucts.

Before each experiment, the catalyst was pretreated with
flowing hydrogen at 250° C. over a 2 hour period. The reactor
zone temperatures were set such that the Ru/C catalyst was
operated at 130° C. and the Pt/Re catalyst was operated at
240° C. The total system pressure was 495 psig. A 30 wt %
glucose in water solution was fed to the reactor with a WHSV
of' 1.2 grams of glucose per gram of catalyst (total grams of
catalyst) per hour. In this system, there was complete conver-
sion of the glucose. Table 19 shows the yields of hydrogen as
well as the yields of carbon-containing product compounds.
Additionally, this table show the formation of C,-C, ¢ com-
ponents which indicates chain lengthening due to Fischer-
Tropsch reaction.

TABLE 19

Hydrogen and Carbon Yields.

Moles Ho/Mole Feed 137

% Carbon/Carbon in Feed

PRODUCT

CO, 36.39
Methane 2.39
Ethane 3.51
Propane 4.12
Butane 3.74
Pentane 1.65
Hexane 1.74
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TABLE 19-continued

Hydrogen and Carbon Yields.

Organic Phase Carbon 17.34
Aqueous Phase Carbon 28.77
% Glucose Conversion 100.00
PPM in Organic Phase
NONANE 946
DECANE 519
UNDECANE 582
DODECANE 267
TETRADECANE
PENTADECANE 98
HEXADECANE
HEPTADECANE 797
OCTADECANE
EICOSANE
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What is claimed is:

1. A method of fabricating hydrocarbons and oxygenated
hydrocarbons comprising:

(a) performing an endothermic gasification reaction with a
biomass reactant at a temperature less than or equal to
about 750 K, to yield synthesis gas;

(b) performing an exothermic synthesis gas utilization
reaction or carbon-carbon bond-forming reaction with
the synthesis gas of step (a) at a temperature greater than
or equal to the temperature of the gasification reaction
performed in step (a), wherein the reaction produces
hydrocarbons or oxygenated hydrocarbons, and heat;

(c) integrating the heat generated from the synthesis gas
utilization reaction or carbon-carbon bond-forming
reaction of step (b) with the endothermic gasification
reaction of step (a); (d) performing step (a) and step (b)
using only one catalyst bed; and

(e) performing step (a) and step (b) simultaneously with the
one catalyst bed, wherein the catalyst bed comprises a
mixture of catalysts or a single catalyst dimensioned and
configured to catalyze the reaction of both step (a) and
step (b).

2. The method of claim 1, wherein step (a) comprises
performing the endothermic gasification reaction at a tem-
perature less than or equal to about 625 K.

3. The method of claim 1, wherein step (a) comprises
performing the endothermic gasification reaction at a tem-
perature less than or equal to about 575 K.
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4. The method of claim 1, wherein step (a) comprises
performing the endothermic gasification reaction at a tem-
perature less than or equal to about 550 K.

5. The method of claim 1, comprising performing step (a)
and step (b) simultaneously in a single reactor vessel.

6. The method of claim 1, wherein step (a) comprises
performing the endothermic gasification reaction with a reac-
tant comprising one or more compounds selected from the
group consisting of polysaccharides, monosaccharides, and
polyols.

7. The method of claim 6, wherein step (a) comprises
performing the endothermic gasification reaction with a reac-
tant comprising glycerol.

8. The method of claim 1, wherein step (b) comprises
performing a Fischer-Tropsch reaction.

9. The method of claim 1, wherein step (a) and step (b) are
performed using one or more catalysts comprising a Group
VIIIB metal (Fe, Co, Ni, Ru, Rh, Pd, Os, Ir, and Pt).

10. The method of claim 9, wherein the catalyst is alloyed
with, is combined with, or further comprises one or more
elements selected from the group consisting of Cu, KMn, La,
Re, Zn, Si, Ag, Ce Gd, Th, Mn, Zr, Ti, Cr, V, Li, Na, Rb, Cs,
Mo, Au, B, and Cl, and oxides thereof.

11. The method of claim 1, wherein step (a) and step (b) are
performed using one or more catalyst(s) comprising plati-
num, ruthenium, rhenium, and combinations thereof.

12. The method of claim 1, wherein step (a) and step (b) are
performed using one or more catalysts comprising a Group
VIIIB metal disposed on a support.

13. The method of claim 12, wherein the support is selected
from the group consisting of carbon, and oxides of aluminum,
cerium, zirconium, and magnesium, and combinations
thereof.

14. The method of claim 12, wherein the support is selected
from the group consisting of Ti0,, Si0,, Al,O5, MgO, ZrO,,
Zr, T1,0,, ThO,, Kieselguhr, La,0;, MgCr,0,, Ti,Si0,,
Ti,Zr,0,, ZnO, Cr,03, MnO, Nb,Os, CeO,, Y-zeolite, USY-
zeolite, ZSM-5 zeolite, MCM-41 zeolite, MCM-22 zeolite,
HZSM-5 zeolite, H-BEA zeolite, HY-zeolite, Fe-substituted
LTL zeolite, ITQ-6, delaminated zeolite, [TQ-2 delaminated
zeolite, HMS molecular sieves, montmorillonite,
macroporous styrene-divinylbenzene, 4-vinylpridine-divi-
nylbenzene, anthracene, carbonized-quinoline, and combina-
tions therefore.

15. The method of claim 1, wherein step (a) and step (b) are
performed using at least one catalyst comprising platinum,
ruthenium, rhenium, and combinations thereof, and wherein
the catalyst is disposed on a support selected from the group
consisting of carbon, Al,O;, CeO,, ZrO,, MgO, Zr0O,, and
combinations thereof.

16. The method of claim 1, wherein the synthesis gas from
step (a) is introduced directly into the reaction of step (b),
absent any pre-treatment.

17. A method of fabricating C, to C, linear or branched
hydrocarbons or oxygenated hydrocarbons comprising:

(a) performing an endothermic gasification reaction with a
reactant stream comprising compounds selected from
the group consisting of polysaccharides, monosaccha-
rides, polyols, and combinations thereof, at a tempera-
ture less than or equal to about 625 K, to yield synthesis
£as;

(b) performing an exothermic Fischer-Tropsch reaction
with the synthesis gas of step (a) at a temperature greater
than or equal to the temperature of the gasification reac-
tion performed in step (a), wherein the reaction produces
C, to C;4 hydrocarbons or oxygenated hydrocarbons,
and heat;
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(c) integrating the heat generated from the Fischer-Tropsch
reaction of step (b) with the endothermic gasification
reaction of step (a); (d) performing step (a) and step (b)
using only one catalyst bed; and

(e) performing step (a) and step (b) simultaneously with the
one catalyst bed, wherein the catalyst bed comprises a
mixture of catalysts or a single catalyst dimensioned and
configured to catalyze the reaction of both step (a) and
step (b).

18. The method of claim 17, comprising performing step

(a) and step (b) simultaneously in a single reactor vessel.

19. The method of claim 17, wherein step (a) comprises
performing the endothermic gasification reaction with a reac-
tant comprising one or more compounds selected from the
group consisting of polysaccharides, monosaccharides, and
polyols.

20. The method of claim 19, wherein step (a) comprises
performing the endothermic gasification reaction with a reac-
tant comprising glycerol.

21. The method of claim 17, wherein step (a) and step (b)
are performed using one or more catalysts comprising a
Group VIIIB metal (Fe, Co, Ni, Ru, Rh, Pd, Os, Ir, and Pt).

22. The method of claim 21, wherein the catalyst is alloyed
with, is combined with, or further comprises one or more
elements selected from the group consisting of Cu, K Mn, La,
Re, Zn, Si, Ag, Ce Gd, Th, Mn, Zr, Ti, Cr, V, Li, Na, Rb, Cs,
Mo, Au, B, and Cl, and oxides thereof.

23. The method of claim 17, wherein step (a) and step (b)
are performed using one or more catalyst(s) comprising plati-
num, ruthenium, rhenium, and combinations thereof.

24. The method of claim 17, wherein step (a) and step (b)
are performed using one or more catalysts comprising a
Group VIIIB metal disposed on a support.

25. The method of claim 24, wherein the supportis selected
from the group consisting of carbon, and oxides of aluminum,
cerium, zirconium, and magnesium, and combinations
thereof.

26. The method of claim 24, wherein the supportis selected
from the group consisting of Ti0,, Si0,, Al,O5, MgO, ZrO,,
Zr, T1,0,, ThO,, Kieselguhr, La,0;, MgCr,0,, Ti,Si0,,
Ti,Zr 0,, ZnO, Cr,05;, MnO, Nb,0O5, CeO,, Y-zeolite, USY-
zeolite, ZSM-5 zeolite, MCM-41 zeolite, MCM-22 zeolite,
HZSM-5 zeolite, H-BEA zeolite, HY-zeolite, Fe-substituted
LTL zeolite, ITQ-6, delaminated zeolite, [TQ-2 delaminated
zeolite, HMS  molecular sieves, montmorillonite,
macroporous styrene-divinylbenzene, 4-vinylpridine-divi-
nylbenzene, anthracene, carbonized-quinoline, and combina-
tions therefore.

27. The method of claim 17, wherein step (a) and step (b)
are performed using at least one catalyst comprising plati-
num, ruthenium, rhenium, and combinations thereof, and
wherein the catalystis disposed on a support selected from the
group consisting of carbon, Al,O;, CeO,, ZrO,, MgO, Zr0O,,
and combinations thereof.

28. The method of claim 17, wherein the synthesis gas from
step (a) is introduced directly into the reaction of step (b),
absent any pre-treatment.

29. A method of fabricating C, to C; linear or branched
hydrocarbons or oxygenated hydrocarbons comprising:
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(a) performing an endothermic gasification reaction with a
reactant stream comprising glycerol, at a temperature
less than or equal to about 625 K, using a catalyst com-
prising a Group VIIIB metal, to yield synthesis gas;

(b) performing an exothermic Fischer-Tropsch reaction
with the synthesis gas of step (a) at a temperature greater
than or equal to the temperature of the gasification reac-
tion performed in step (a), wherein the reaction produces
C, to C;4 hydrocarbons or oxygenated hydrocarbons,
and heat;

(c) integrating the heat generated from the Fischer-Tropsch
reaction of step (b) with the endothermic gasification
reaction of step (a); (d) performing step (a) and step (b)
using only one catalyst bed; and

(e) performing step (a) and step (b) simultaneously with the
one catalyst bed, wherein the catalyst bed comprises a
mixture of catalysts or a single catalyst dimensioned and
configured to catalyze the reaction of both step (a) and
step (b).

30. The method of claim 29, comprising performing step

(a) and step (b) simultaneously in a single reactor vessel.

31. The method of claim 29, wherein step (a) and step (b)
are performed using one or more catalysts comprising a
Group VIIIB metal (Fe, Co, Ni, Ru, Rh, Pd, Os, Ir, and Pt).

32. The method of claim 31, wherein the catalyst is alloyed
with, is combined with, or further comprises one or more
elements selected from the group consisting of Cu, KMn, La,
Re, Zn, Si, Ag, Ce Gd, Th, Mn, Zr, Ti, Cr, V, Li, Na, Rb, Cs,
Mo, Au, B, and Cl, and oxides thereof.

33. The method of claim 29, wherein step (a) and step (b)
are performed using one or more catalyst(s) comprising plati-
num, ruthenium, rhenium, and combinations thereof.

34. The method of claim 29, wherein step (a) and step (b)
are performed using one or more catalysts comprising a
Group VIIIB metal disposed on a support.

35. The method of claim 34, wherein the support is selected
from the group consisting of carbon, and oxides of aluminum,
cerium, zirconium, and magnesium, and combinations
thereof.

36. The method of claim 34, wherein the support is selected
from the group consisting of TiO,, SiO,, Al,0;, MgO, ZrO,,
Zr.T1,0,, ThO,, Kieselguhr, La,0;, MgCr,0,, Ti,81,0.,,
Ti,Zr,0,, ZnO, Cr,03, MnO, Nb,Os, CeO,, Y-zeolite, USY-
zeolite, ZSM-5 zeolite, MCM-41 zeolite, MCM-22 zeolite,
HZSM-5 zeolite, H-BEA zeolite, HY-zeolite, Fe-substituted
LTL zeolite, ITQ-6, delaminated zeolite, [TQ-2 delaminated
zeolite, HMS molecular sieves, montmorillonite,
macroporous styrene-divinylbenzene, 4-vinylpridine-divi-
nylbenzene, anthracene, carbonized-quinoline, and combina-
tions therefore.

37. The method of claim 29, wherein step (a) and step (b)
are performed using at least one catalyst comprising plati-
num, ruthenium, rhenium, and combinations thereof, and
wherein the catalyst is disposed on a support selected from the
group consisting of carbon, Al,O;, CeO,, ZrO,, MgO, Zr0O,,
and combinations thereof.

38. The method of claim 29, wherein the synthesis gas from
step (a) is introduced directly into the reaction of step (b),
absent any pre-treatment.
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